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THE INDUSTRIAL CHEMISTRY OF 
LOWER OLEFINS 


A symposium entitled ‘‘ The Industrial Chemistry of the 
Lower Olefins,”” organized by the local branches of The 
Chemical Society, The Institute of Petroleum, The Royal 
Institute of Chemistry, and The Society of Chemical 
Industry, was held in the Chemistry Lecture Theatre, 


The University, Manchester, on 24 March 1960. The 
chair at the morning session was taken by Professor 
Frank Morton, the afternoon session was presided over 
by Professor R. N. Haszeldine, and the chairman at the 
evening session was Professor G. Gee, F.R.S. 


ECONOMICS OF ETHYLENE PRODUCTION FROM LIGHT NAPHTHA 


By J. CHRONES* and J. L. JAMES * 


INTRODUCTION 


As a feedstock for ethylene production light naphtha 
is presently a favoured choice because of its ready 
availability at low price, giving high ethylene yields 
in low-cost, well-proven plants. It is predicted that 
this favoured position will continue, further enhanced 
by the expanding use of the by-products as sources 
of other petrochemicals. It is the purpose of this 
paper to examine the economics of ethylene produc- 
tion from light naphtha with particular emphasis on 
conditions pertaining to the U.K. 

In recent years there has been a spectacular growth 


of ethylene as a chemical raw material throughout 
the world. In the U.S.A. the principal sources of 
ethylene are the pyrolysis of hydrocarbons extracted 
from natural gas, and recovery from refinery fuel 


gases. In the U.K., and in other parts of the world, 
natural gas is not available in sufficient quantity for 
large-scale petrochemical exploitation, and refining 
operations in general are not set up to the same 
extent as in the U.S.A. for maximum gasoline yields, 
with consequent high by-product yield of olefinic gas. 
As a result, ethylene producers have had to turn to 
other raw material sources, with petroleum naphthas 
most widely used. 

In the present world market the light naphtha cut 
in the boiling range of approximately 40° to 90° 
ASTM is available at relatively low cost and makes 
an excellent feedstock for ethylene production because 
of its high paraffinic content. The abundance of this 
petroleum fraction may be attributed to the present 
difficulty of disposing or upgrading it to high octane 
motor gasoline. Imposed production and refining 
restrictions in certain areas have also contributed to 
this over-supply. Unless there is a drastic change in 
motor gasoline octane requirements, or in refining 
technology, it would be safe to say that the plentiful 
supply of light naphtha must continue for some years 


to come. It is a fact that even in the U.S.A. light 
naphtha can now be justified as a long-term ethylene 
plant feedstock, as evidenced by a large ethylene plant 
under construction by the M. W. Kellogg Co. for 
Socony Mobil Oil Co., at Beaumont, Texas. 

In the production of ethylene from light naphtha, 
propylene, butylenes, butadiene, higher molecular 
weight olefins, and aromatics are produced to varying 
degrees as by-products. With the possible exception 
of butadiene, most of the chemicals obtainable as 
by-products from naphtha pyrolysis are presently 
produced well in excess of demand. This largely 
justifies the use of lower or gross by-product values, 
e.g. fuel, LPG, motor gasoline, etc., in as much as any 
upgrading or purification facilities must be justified 
on a basis of low “‘ raw material ’’ values. Therefore, 
in general, the economics of ethylene production by 
naphtha pyrolysis are such that no allocation of 
manufacturing costs can be set against by-products; 
instead, all manufacturing costs are assessed against 
the ethylene product. By-product credits can be 
taken only as justified by internal requirements and/or 
markets for disposal. With the introduction of 
polypropylene and other end products in demand, 
by-product recovery from naphtha pyrolysis plants 
will assume increasing importance, with the value 
then assigned to these by-products proportionately 
affecting the production economics of ethylene. 
Ethylene, however, is still likely to remain the prin- 
cipal ‘‘ building block” of the U.K. petrochemicals 
industry. 


FACTORS CONSIDERED 


In examining the economics of ethylene production 
from light naphtha, three main factors stand out as 
having important effects on costs. These are as 
follows: 





* Kellogg International Corporation. 
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(1) Product Distribution 


Individual producers of ethylene have different 
requirements for and set different values on by- 
products. Pyrolysis gasoline, for example, may have 
considerable value to some, but can be used only as 
fuel by others. Product distribution can be varied 
to the extent flexibility is incorporated into the 
original plant design. A relatively small additional 
investment allows operation with alternative product 
distributions, and with feedstocks other than light 
naphtha. 


(2) Plant Size 

The size of plant will naturally affect the manu- 
facturing cost of ethylene. Plant size must be in 
economic balance with available investment capital, 
obsolescence, and future market potential, in order 
to establish the optimum plant capacity for individual 
situations. 


(3) Value of Fuel, Feed, and By-products 

These all influence the manufacturing cost of 
ethylene. In order to assess their effects inde- 
pendently of each other, the economics are presented 
in the form of equations with these values as variables 
for the various cases considered. 


DESCRIPTION OF CASES 

In order to cover a wide range of typical product 
distributions, from a high through an intermediate to 
a low value of the ethylene/by-products yield ratio, 
economics for three types of naphtha pyrolysis units 
have been evaluated. The three types of unit, and 
the conditions which give rise to the differences in 
yield structure, are as follows: 


Unit I. A plant to produce 100,000,000 
lb/year of polymerization grade ethylene (99-9 
per cent minimum purity) by high severity 
naphtha pyrolysis with recycle of ethane product 
to pyrolysis. This approach emphasizes mini- 
mum net feedstock consumption. 

Unit II. A plant to produce 100,000,000 
lb/year of polymerization grade ethylene (99-9 
per cent minimum purity) by medium severity 
naphtha pyrolysis with recycle of ethane product 
to pyrolysis. This gives an intermediate feed 
naphtha consumption. 

Unit III. A plant to produce 100,000,000 
lb/year of polymerization grade ethylene (99-9 
per cent minimum purity) by medium severity 
naphtha pyrolysis with no recycle of ethane. 
This results in higher feed naphtha consumption 
to maximize by-product yield. 


In addition, alternates Ia, Ila, and IIIa mentioned 
in the text refer to units similar to the above but of 








double capacity, i.e. to produce 200,000,000 Ib/year 
of product ethylene. ; 

The high severity pyrolysis conditions differ from 
the medium severity in that higher temperatures, 
higher steam to naphtha ratios, and shorter pyrolysis 
contact times are utilized. If a furnace designed for 
a high severity condition is fired for a medium 
severity operation, an ethylene yield reduction of 10 
to 15 per cent will result. This is due to the higher 
total heat requirement per pound of ethylene product 
for the medium severity operation, coupled with the 
longer pyrolysis contact time required at the lower 
temperature. However, since the yield of ethane is 
higher in the medium severity case, total plant 
ethylene production may still be maintained at close 
to the high severity level, provided the ethane crack- 
ing facilities are designed for the extra capacity. It 
will readily be appreciated that although a plant 
designed on this basis would exhibit a large degree of 
inherent flexibility, it would not be an optimum 
design for any one given set of conditions. 

The actual comparisons in this paper are based on 
different furnace designs for the two types of pyrolysis, 
each the optimum design for the pyrolysis severity 
stipulated. The slight excess steam production noted 
for Unit IL (Table II) would have been many times 
greater had the Unit I furnace been used for the lower 
severity operation; fuel consumption would also have 
been appreciably higher. 

All compressors considered in this paper have been 
assumed to be electric-motor-driven, and the price of 
electricity has been kept constant at £4-17/1000 kWh 
(1d./kWh). It is recognized that other types or com- 
binations of drives may prove to be economically 
attractive in a given location and under certain 
specified conditions; however, the inclusion of drivers 
as a major variable would complicate the paper un- 
necessarily, with little effect on the comparisons 
between cases where feedstock cost and by-product 
credits are the major consideration. 


PRESENTATION OF DATA 


The material balances, utilities, and catalyst and 
chemicals requirements are presented in Tables I, II, 
and III for Units I, II, and III respectively at 
100,000,000 lb/year ethylene capacity. It is seen that 
Unit I, the high severity operation with recycle ethane 
pyrolysis, has the lowest naphtha requirement and 
produces the least amount of by-products. At the 
other end of the scale Unit III, medium severity, 
without recycle ethane pyrolysis, requires the maxi- 
mum quantity of feed and produces the most by- 
products. The indicated material balances allow for 
normal plant losses and refrigeration systems make-up. 

There is an increase in utility requirements from 
Unit I to Unit III and, as seen from Table IV, the 
on-site process investments also increase slightly. 
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TABLE I 
100,000,000 Ib/ Year Ethylene Units 
Material Balances (in lb/hr) 


(Basis: 330 stream days/year) 











Unit . 3 ; I II Itt 
Feed naphtha 
40°-90° C, ° API 44,900 56,900 74,300 
Tail gas : 8,775 8,970 10,950 
Ethylene product (99 9%) 12,626 12,626 12,626 
Ethane product (95%). — _— 5,140 
P-P product (90-95%, 
propylene) , : 7,245 10,280 13,200 
B-B product : ‘ 4,160 6,980 8,940 
Wt°, C,H, ‘ ; 34 22 22 
Gasoline 
C,400°F EP. ' 8,585 15,430 20,040 
Research ON Clear : 100 90 90 
API ‘ : : 45 55 55 
Fuel oil . : . 1,935 850 1,110 
Losses . . . 1,574 1,764 2,294 
Ethane ree -yele ; ‘ 4,210 6,550 — 
TaBLeE II 
100,000,000 Ib/ Year Ethylene Units 
Utilities Requirements 
Unit . ‘ . . I II III 
250 psig steam (Ib/ hr) 
Consumption at 250 psig . 57,600 37,500 46,500 
Let down to 50 psig system 1,000 7,000 9,000 
Total plant usage ‘ 58,600 44,500 55,500 
Production : 5 ‘ 58,600 51,500 55,500 
Net export ; ‘ _- 7,000 -—— 
50 psig steam (Ib/ hr) 
Consumption . F ‘ 1,000 7,000 9,000 
Let down from 250 psig 
system ‘ ‘ . 1,000 7,000 9,000 
Net export - ~- = 
200° F boiler fe ed water (Ib/ hr) 
Consumption 61,500 54,100 58,300 
Cooling water (IG/min) 
Consumption . - , 8,800 9,800 10,700 
Electric power (kW) 
Total consumption . ‘ 8,600 9,500 10,000 
Fuel (MM Btu/hr) 
Furnace firing ; ; 181-8 182-0 196-3 
Taste IIT 
100,000,000 lb/year Ethylene Units 
Catalysts and Chemicals Requirements 
(Consumptions in Equivalent Ib/sd) 
Unit ‘ . ‘ . ; I II Ill 
Desiccant (1) : 165 18] 190 
Primary acetylene cataly st (2) . 27 27 27 
Sec ondary acetylene cataly st (3) 6 6 6 
Caustic soda (as 100°, NaOH) . 2,000 2,500 3,300 
Methanol ; : - ‘ 300 300 300 
Notes: (1) Activated alumina. Estimated life 1 year. 
(2) Estimated life 4 years. 
(3) Estimated life 4 years. 


TaBLe IV 
On-site Process Investment Data 
Ethylene Capacity 
100,000,000 Ib/ year 


Unit I . . £2,800,000 Unit Ia. 
Unit I] £2,940,000 Unit Ila 
Unit III £3,000,000 Unit Illa 
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200,000,000 Ib/year 
£4,240,000 
£4,460,000 
£4,550,000 
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Investments for Units Ia, Ila, and Illa, for 
200,000,000 lb/year of ethylene, are also shown in 
Table IV. For reference purposes a plot is presented 
in Fig 1 of by-product and fuel values in pence per 
Imperial gallon (d./IG), against pounds sterling per 
long ton (£/LT), the latter unit being used as a bases 
for feed and product values throughout this pape... 
Also shown are the values of the various products 
when taken at fuel values of 0-15, 0-20, and 0-25 
pounds sterling per million Btu’s lower heating value 
(£/MM Btu). 

A “base”’ economic evaluation is made assum- 
ing the following feedstock, fuel, and by-product 
values: 


Feed Naphtha 

For a producer of light naphtha the value assigned 
to it as a pyrolysis feedstock would depend largely 
on the internal valuation system employed by the 
company. For a purchaser, the price, in general, 
would be subject to negotiation for long-term con- 
tracts, in which case the producer’s supply and demand 
position would be an important influencing factor. 
Current long-term quotations have been reported as 
low as marginally over fuel value, which at £0-15/MM 
Btu corresponds to £6-5/LT. Recent Caribbean spot 
cargo quotations plus transportation charges to the 
U.K. set the upper limit at £11-0/LT. An inter- 
mediate value of £9-0/LT is selected for the base in 
this paper. 


Fuel 
The value of fuel is set at £0-15/MM Btu based on 
the current Caribbean fuel oil price plus transportation 


to the U.K. 


P-P Product 

The propylene—propane fraction produced as a by- 
product of naphtha pyrolysis will contain from 90 to 
95 per cent propylene, the upper figure representing 
the Unit I high severity concentration. For present 
purposes, the value of the P-P product is taken as 
catalytic polymerization feedstock, or LPG value 
£12-0/LT, although subsequent demand for end 
products, such as polypropylene, may increase its 
value accordingly. 


B-B Product 

The B-B product’s main potential lies in its 
butadiene content. For the high severity operation, 
Unit I, the concentration of butadiene is approxi- 
mately 34-0 per cent and the value of the stream 
£24-0/LT, assuming an equivalent unseparated buta- 
diene value of £56-0/LT. For the medium severity 
operation, Units II and III, the butadiene concentra- 
tion is approximately 22-0 per cent. The corre- 
sponding value of the stream is taken as £19-0/LT. 
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TABLE V 
100,000,000 lb/year Ethylene Units 
Direct Operating Costs—Base Case ; 
ane | | | | 7 
| ais ° | | | ers 7.8 
eg | ae Unit | Units/| ,, | Units/ ” Units/ | 
Unit | Unit | price | ed | £/sd | d./Ib | por | £/sd d./\b a" | £/sd d./Ib 
Utilities | | | | | | | | | 
250 psig steam (credit) | 1000 Ib £0-30 —- | — — | @6a) | (50-4) | (0-040)|} — | — - 
200° F boiler feed | | 
water . ; . | 10001lb | £0-02 1476 | 29-5 | 0-023 | 1298 | 26-0 | 0-021 1399 | 28-0 0-022 
Cooling water . . | MMIG | £7-20 12-7 91-4 | 0-072 | 141 101-5 | 0-081 | 15-4 | 110-9 0-088 
Electric power. . | 1000 kWh| £4-17 | 206-4 | 860-7 | 0-682 | 228-0 | 950-8 | 0-753 | 2400 | 100:8 | 0-793 
Fuel : . . | MM Btu | £015 | 4363 654-5 | 0-518 | 4368 | 655-2 | 0-519 | 4711 706-7 | 0-560 
| ' | | ] _ _ 
| | | | 
Total utilities . “4 | 1636-1 1-295 | | 1683-1 | 1-334 1846-4 1-463 
Catalyst and Chemicals | | | | 
Desiccant F - | Ib | £0-131 165 | 21-6 | 0-017 | 181 | 23-7 | 0-019 | 190 | 24-9 | 0-020 
Primary acetylene cat | lb | £0-393 | 27 | 10-6 | 0-008 | 27 10-6 | 0-008 | 27 10-6 0-008 
Secondary acetylene | | | 
cat : : A Ib £1-589 | 9-5 | 0-008 | 6 9-5 | 0-008 6 | 9-5 , 0-008 
Caustic soda. a Ib | £0-015 | 2000 30-0 | 0-024 | 2500 | 37-5 | 0-030 | 3300 | 49-5 | 0-039 
Methanol ; ‘ Ib £0-022 | 300 | 6-6 | 0-005 300 | 6-6 | 0-005 | 300 6-6 | 0-005 
Total catalysts and | | | 
chemicals 78:3 | 0-062 87-9 | 0-070 | | 101-1 ; 0-080 
Labour and Supervision | | | 
Labour (1) | Man hr | £0:500 | 265-5 | 132-8 | 0-105 | 265-5 | 132-8 | 0-105 | 265-5 | 132-8 | 0-105 
Supervision (2) a] 26-6 | 0-021 | | 266 | 0-021 |} 26:6 0-021 
| | | |———- ———— 
Total supervision and | | | 
labour . | 159-4 | 0-126 | 159-4 | 0-126 | | 159-4 0-126 
Maintenance 
Material and labour (3) | 339-4 | 0-269 | | 356-4 | 0-282 | $63-6 | 0-288 
Total direct operating | | 
costs : é 2213°2 | 1-752 2286-8 | 1-812 2470:5 = 1-957 
Notes: (1) 10 men/shift. 
(2) 20% labour. 
(3) 4°% process investment/year. 
JOURNAL OF THE INSTITUTE OF PETROLEUM 











TaBLE VI 


100,000,000 lb/year Ethylene Units 
Manufacturing Costs—Base Case 
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I II | Iil 
Unit | Unite/ | | Uni its/ | pnw 
| Unite! | sed | d.fib | Unite! | s/ed | d.ftb | Unite! | gina | 
Total direct operating costs | 2213-2 | 1-752 | | 2286-8 | 1-812 | 2470-5 | 1-957 
Indirect and fixed operating costs | | | | | 
General operating overhead (4) | | 127-5 | 0-101 | 127-5 | 0-101 | | 127-5 | 0-101 
Depreciation (5) : : | 348-5 | 0-672 | |} 890-9 | 0-705 909-1 | 0-720 
Taxes and insurance (6) . 254-5 | 0-202 | 267-2 | 0-211 | 272-7 | 0-216 
Total indirect and fixed operating costs 1230-5 | 0-975 | | 1285-6 | 1-017 | 1309-3 | 1-037 
Unit | Unit | | | | | 
| price | | | | 
Raw material | | | | 
Feed naphtha LT /|£9:0 | 481-1 | 4329-9 | 3-429] 609-6 | 5486-4 | 4:345 | 796-1 | 7164-9 | 5-675 
By-product credits | | | 
Tail gas . | MM Btu | £0-15 | 4988-0 748-2 | 0-593 | 5085-0 | 762-8 | 0-604 | 6020-0 | 903-0 | 0-715 
Ethane product - |MM Btu | £015 | — —- |—!l— | — | — | 2517-0 | 377-6 | 0-299 
P-P product , ‘ LT £12-0 | 77-6 931-2 | 0-738 110-1 | 1321-2 | 1-046! 141-4 | 1696-8 | 1-344 
B-B product 34° C,H, LT | £24-0 | 44-6 | 1070-4 | 0-848 | 74-8 | 1421-2 | 1-126 95-8 | 1820-2 | 1-442 
22% C,H, | LT | £19-0 | | | | | | 
90 Research ON gasoline | LT (£100 | — | — | — | 165-3 | 1653-0 |1-309| 214-7 | 2147-0 | 1-700 
100 Research ON | | | | | | | 
gasoline LT | £14-0 92-0 | 1288-0 | 1-020 - — | | —- |; — | — 
Fuel oil MM Btu | £015 | 815-0 | 120-8 | 0-096 | 358-0 | 63-7 | 0-043 | 467-5 70:1 | 0-056 
Total by-product credits | 4158-6 | 3-295 | 5211-9 | 4-128 | | 7014-7 | 5-556 
| 3615-0 | 2 3846-9 | 3-046 | 3930-0 | 3-113 


Net manufacturing cost 


| 2-861 | 











Notes: (4) 80% total labour and supervision. 


(5) 10% process 


investment/year. 


6) 3° process investment/year. 
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38 MANUFACTURING COST OF ETHYLENE—BASE CASE BREAKDOWN 
r= Basis: Feed naphtha cost, N = £9-0/LT 
Fuel value, F = £0-15/MM Btu 
sy P—P product value, P = £12-0/LT 
— B-B product value, B = £24-0/LT Unit I 
£19-0/LT Unit II and III 
Pyrolysis gasoline, G = £14-0/LT Unit I 
£10-0/LT Unit II and III 
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Pyrolysis Gasoline Product 


The gasoline product derived from light naphtha 
pyrolysis may require subsequent treatment to make 
it saleable, although simple inhibiting plus blending 
has been utilized successfully in a number of cases. 
The gasoline derived from the high severity operation, 
having a clear Research ON of approximately 100, is 
valued at £14-:0/LT. This is based on an equivalent 
Caribbean price plus transportation to the U.K. and 
less a treating and blending charge. The gasoline 
derived from the medium severity operations, having 
a clear Research ON of approximately 90, is valued at 
£10-0/LT. This latter valuation includes an incre- 
mental treatment charge as well as a differential 
octane allowance. 

In Table V the direct operating costs are given for 
the three units, and in Table VI the corresponding 
manufacturing costs of ethylene are derived. It is 
evident that at this pricing structure there is little to 
choose between the units, with Unit I, the most 
favourable, producing ethylene at a manufacturing 
cost of 2-88d./Ib, whereas Unit III has the highest 
cost of 3-1ld./lb. Details are presented graphically 
in Fig 2, where the major effect of naphtha feed cost 
and by-product credits is evident. 





EFFECT OF FEED, FUEL, AND 
BY-PRODUCT VALUES 


To evaluate separately the effects of fuel, naphtha 
feed, and by-product values, equations have been set 
up giving the price of ethylene in pence per pound 
as a function of the following: 


F = Fuel value, £/MM Btu 


N = Naphtha feed value, £/LT 
P = C, by-product value, £/LT 
B = C, by-product value, £/LT 
G = Gasoline by-product value, £/LT 


The manufacturing cost equations for the three 
types of unit at the two production capacities are 
presented in Table VII. 


TasBLe VII 
Ethylene Manufacturing Cost 
General Equations 


n(N) — g(@) — fiF) — p(P) — 0B) 


E = Manufacturing cost of ethylene, d/lb 
N = Value of light naphtha feed, £/LT 
G = Value of untreated gasoline product, £/LT 
F = Value of fuel, £/MM Btu 
P = Value of P-P product, £/LT 
B = Value of B—-B product, £/LT 
a,n, 9, f, p, 6 = Constants as follows: 


E ast 
Where: 


Unit I II Ill 
(la) (IIa) (1ITa) 

a 2-209 2-310 2-434 
(1-830) (1-919) (2-037) 

n 0-381 0-483 0-631 
9 0-073 0-131 0-170 
f 1-140 0-851 3-401 
p 0-062 0-087 0-112 
b 0-035 0-059 0-076 


Notes: (1) The 200,000,000 Ib/year cases differ from the 
100,000,000 Ib/year cases for the same type unit 
only in respect of constant a in parentheses 
above. 

(2) Constants g, p, and b do not include differential 
product quality factors and should therefore be 
used with the values of G, P, and B appropriate 
to the unit type. 


The fuel value function, F, allows for internal fuel 
consumption and credits tail gas, fuel oil, and ethane 
products at fuel value. Tail gas and ethane do have 
potential as hydrogen plant or synthesis gas feed- 
stocks, and therefore, in some cases, may return a 
premium over base fuel value. 

The marked effect of naphtha feed value on ethylene 
manufacturing cost is illustrated in Fig 3 for the three 
smaller size units using the base case values for fuel 
and by-products. With this pricing structure, Unit I 
gives the lowest ethylene manufacturing cost with 
naphtha above £8/long ton, whereas Unit III is 
favoured at lower values. The minimum cost dif- 


ferential between the three units (0-10d./lb) also 
occurs at naphtha value of about £8/LT. 

Fuel value by itself will have only a small effect on 
manufacturing cost of ethylene, except in the extreme 
case, where all or most by-products are credited as 
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NAPHTHA 


v. COST OF FEED 


F = £0-15/MM Btu 


P = £12-0/LT 

B = £24-0/LT Unit I 
£19-0/LT Units II and III 

Pyrolysis gasoline value, G = £14-0/LT Unit I 

£10-0/LT Units IT and III 


This is illustrated in Fig 4, where ethylene 
manufacturing cost is plotted against fuel value, 
assuming all by-products are at fuel. 
that the manufacturing cost of ethylene decreases 

















| 
35 ——_\__1 


O10 =Ol2 























O.l 


0.16 


0.18 O20 


BY-PRODUCT FUEL VALUE -£/MM BTU 


Fie 4 


MANUFACTURING COST OF ETHYLENE 





FUEL VALUE 


v. BY-PRODUCT 


Basis: Feed naphtha cost, N = £9-0/LT 


All by-products at fuel value 


JOURNAL OF THE INSTITUTE OF PETROLEUM 


It is observed 


eek. 








Oe —-> 


A 




















with increasing fuel value, due of course to the in- 
creasing by-product credits. This also indicates that 
Unit I, with the lowest feed requirement, is the least 
susceptible to fluctuations in by-product credits and 
is favoured when these credits are set at low values. 

In order to illustrate the use of the equations, a 
hypothetical example is set up under the following 
conditions: 
Fuel value F = £0-15/MM Btu 
(, product value P = £12-0/LT 
(, product value B= £24-0/LT Unit I 

£19-0/LT Units IT and IIT 


What are the required 90 octane gasoline product 
values as a function of naphtha feed cost which will 
give break-even points in manufacturing cost for the 
three types of unit at the 100,000,000 lb/year ethylene 
production level? 

The values above are substituted into the equations 
which are solved simultaneously for values of G, the 
90 Research ON gasoline from Units II and III. 
Fig 5 represents the solution of these equations at 
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Fic 5 
VALUE OF 90 RESEARCH ON PYROLYSIS GASOLINE Vv. VALUE OF 


FEED NAPHTHA AT ETHYLENE MANUFACTURING COST 
BREAK-EVEN POINTS 


Basis: Fuel value, F = £0-15/MM Btu 

P—P product value, P = £12-0/LT 

B-B product value, B = £24-0/LT Unit I 

£19-0/LT Units II and LI 
the break-even points as a function of N. It should 
be noted that an incremental value of £4-0/LT is used 
for the Unit I gasoline over the Units II and III 
gasoline in this presentation. If an average 90 octane 
gasoline value of £10-0/LT is taken, naphtha feed 
values required at the break-even points are: 
Naphtha feed value at 


Units break-even point, £/LT 
I and II 7-2 
II and III 8-5 
III and I 8-0 
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This indicates that for the pricing structure quoted 
above, a naphtha feed value of less than £8-0/LT 
would be required to justify a Unit III type operation. 
Unit II would be attractive relative to Unit III if 
naphtha costs are more than £8-5/LT, whereas relative 
to Unit I naphtha must cost less than £7-2/LT. 

Conversely, a graph of the form of Fig 5 will show 
the price at which the chief by-product, in this case 
gasoline, must be sold in order to justify one type of 
plant over another. Thus, at a feed naphtha price 
of £9-0/LT Research ON product gasoline must have 
a value of £12-6/LT or over in order to justify any type 
of plant other than Unit I with the indicated price 
structure. 

Note that Fig 5 is divided into preferential zones 
for the three units as delineated by the solid lines. 
It is seen that Unit II is favoured over both the other 
units in only a limited area of very high gasoline 
product values coupled with high naphtha costs. The 
graph has been drawn in this manner in order to show 
all possible zones of preferential manufacturing cost. 
The regions between the dotted lines are intermediate 
zones of preference for the unit with the next lowest 
manufacturing cost. 

This example illustrates just one way in which the 
general equations may be used. Similar curves can 
be plotted to give the manufacturing cost break-even 
points for the three units as functions of the other 
variables. The equations may be adapted to include 
the other major utility, electric power, if so desired. 


PROFITABILITY OF ETHYLENE 
MANUFACTURE 


The valuation of by-products has a large effect on 
manufacturing cost, and hence also on the selling 
price. Over-valuation of certain products based on 
future potential may lead to an unrealistically low 
ethylene price which, for a producer utilizing the 
ethylene as an intermediate, is only a matter of 
accounting, but for a marketer of ethylene poses a 
problem. The marketer must set a price which is 
high enough so as not to put hih feed charges on his 
other by-product upgrading facilities, but at the same 
time is low enough so that the user does not install 
his own production facilities. Size of plant, of course, 
will be on the side of the marketer who can install a 
large facility to satisfy several users. For illustrative 
purposes, selling prices of ethylene are presented in 
Table VIII for the six units as defined in Table VII 
at the base feed, fuel, and by-product values. 

In each case it has been assumed that for the pro- 
duction of ethylene, a relatively low risk commodity 
item, a minimum return on investment of 25 per cent 
before taxes is required. This corresponds to a cash 
flow of 22-8 per cent at the indicated depreciation rate 
of 10 per cent. 


TaBLeE VIII 
Derivation of Ethylene Selling Price 


Basis: Fuel value, F = £0-:15/MM Btu 


Feed value, N = £9-0/LT 
P-—P value, P = £12-0/LT 
B-B value, B = £19-0/LT (22% C,H,) 


£24-0/LT (34%, C,Hg) 
Pyrolysis gasoline value, G = £10-0/LT (90 RON) 
£14-0/LT (100 RON) 
Capacity - 100,000,000 Ib/year 200,000,000 Ib/year 
Unit. : F I Ir Ill I Ir Ii 
Manufacturing cost 
/ ‘ 2:86 3:05 3-11 2-48 2-66 2-72 
Gross profit required 
for 25% return 
before taxes . 168 1:77 1-80 1-27 1-34 1:36 
Selling price for 
25% return before 
taxes : . 454 482 4-91 3-75 4:00 4-08 


The ethylene selling prices derived in this manner 
vary from 4-54 to 4-91d./lb for the 100,000,000 lb/year 
cases and 3-75 to 4-08d./lb for the units at twice this 
capacity. 


ECONOMICS OF PLANT SIZE 


In order to illustrate the effect of plant size on the 
economics of ethylene production, let us consider the 
hypothetical case of a producer requiring 100,000,000 
lb/year of ethylene during the first year’s operation, 
with a predicted annual increase in demand of 
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MANUFACTURING COST OF ETHYLENE AT REDUCED PLANT 
CAPACITY 


Basis : Feed naphtha value, N = £9-0/LT 
Fuel value, F = £0-:15/MM Btu 


P—P product value, P = £12-0/LT 
B-B product value, B = £24-0/LT Unit I 
£19-0/LT Units II and III 
Pyrolysis gasoline value, G = £14-0/LT Unit I 
£10-0/LT Units II and ITI 
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20,000,000 lb/year up to 200,000,000 Ib/year. Feed 
naphtha, fuel, and by-product values are taken at the 
base values. 

Three cases are considered as follows: 


Case A. Initial unit installed for 100,000,000 
lb/year, duplicate unit installed after five years. 

Case B. Initial unit installed for 100,000,000 
Ib/year, duplicate unit installed after three years. 

Case C. Unit for 200,000,000 lb/year installed 
immediately. 


For the cost structure quoted, Units I and Ia are 
found to give the lowest manufacturing cost of 
ethylene, so are used for this example. In Fig 6 
ethylene manufacturing cost is plotted against per 


TaBLe IX 
Economics of Ethylene Plant Operation 


Basis: Initial demand 100,000,000 lb/year increasing annually 
by 20,000,000 Ib/year. Feed and by-product values 
as in Table VIII, costs as for Units I and Ia. 


Case A: Initial unit installed for 100,000,000 lb/year 
duplicate unit installed after five years. 

Case B:; Initial unit installed for 100,000,000 lb/year 
duplicate unit installed after three years. 

Case C: Unit for 200,000,000 Ilb/year installed 
immediately. 





Pro- | Manufacturing ; | 6-year 

Time, duction cost | Gross | average 
vears| MM |__. ss ——. = | Selling 
F Nit foe | /year | price 

Ibiy ear d./ib | S/year | d./Ib (1) 





Case A 1 100 | 2-86 | 1,193,000 700,000 
2 100 2-86 | 1,193,000 700,000 
3 100 2-86 1,193,000 700,000 
+ 100 2-86 | 1,193,000 700,000 
5 100 2-86 | 1,193,000 700,000 
6 100 2-86 | 1,193,000 700,000 
100 *| 2-86 | 1,193,000 | 700,000 
700 2:86 8,351,000 | 4,900,000 | 4-54 
Case B 1 100 2-86 | 1,193,000 700,000 
2 100 2-86 | 1,193,000 700,000 
3 100 2-86 1,193,000 700,000 
4 100 2-86 | 1,193,000 700,000 
60 *, 4-01 1,001,000 700,000 
5 100 2-86 | 1,193,000 700,000 
80* 3-29 | 1,097,000 700,000 
6 100 2:86 | 1,193,000 700,000 
100 *| 2-86 1,193,000 700,000 
840 2-99 10,449,000 | 6,300,000 4-79 
Case C ] 100 3°81 1,589,000 , 1,060,000 
2 120 3-37 | 1,686,000 | 1,060,000 
3 140 3-05 | 1,781,000 | 1,060,000 
4 160 2-82 | 1,877,000 | 1,060,000 
5 180 2-63 | 1,974,000 | 1,060,000 
6 200 2-48 | 2,069,000 | 1,060,000 





900 2-93 |10,976,000 | 6,360,000 | 4-62 





* Second unit. 


Note: (1) Gross profit and selling price required to give 
return on investment of 25°; before taxes. 
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cent full plant capacity for these two units. Allow- 
ance has been made for reduced efficiency of operation 
at the reduced capacity. No investment credit has 
been taken, however, for the possible installation of 
pyrolysis furnaces only as required during the first 
few years of operation of Unit Ia, Case C. 

Table IX summarizes the pertinent economic data 
derived for the three cases above. The six-year 
average selling prices of ethylene for the various cases 
are as follows: 


4:54d./Ib for the conservative Case A approach 
4-79d./Ib for the intermediate Case B, and 
4-62d./lb for the single large unit Case C 


While it is not suggested that this treatment presents 
a complete picture in any practical example (such a 
problem would indeed require far more detailed 
analysis than has been possible in this paper), it is 
evident from the figures quoted that a single, large 
unit is highly attractive, in comparison with two half- 
sized units. With the larger unit the producer is also 
able completely to satisfy consumer requirements even 
if these expand faster than predicted. From the 
sixth year onwards, at full capacity conditions, the 
larger unit has a selling price advantage of 0-79d./Ib 
over the smaller units. 

The position may be even better than this, since 
the ethylene unit as a whole may be constructed with 
the recovery section designed for the maximum ex- 
pected production rate but with the pyrolysis section, 
comprising pyrolysis furnaces, quench exchangers, 
ete., installed for only the immediate plant demand. 
Extra pyrolysis furnaces can be readily added as and 
when required up to the full capacity of the recovery 
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section. For the larger ethylene plants, similar 
airangements for reduced capacity may be made with 
the process gas and/or refrigeration compressors. 


CONCLUSIONS 


On the basis of its ready availability and price, 
light naphtha will continue to be a favoured feedstock 
for ethylene production in regions where natural gas 
is not available. 

The cost of the feed naphtha and the value credited 
for by-products are the biggest factors affecting the 
economics of ethylene manufacture from this feed. 
High severity operation, with recycle ethane pyrolysis 
to minimize feed consumption, is favoured under 
conditions of higher naphtha feed costs and relatively 
low by-product values. Conversely, lower severity 
operation without recycle ethane pyrolysis would be 
preferred when naphtha feed cost is low or by-product 
values high. Actual valuation of by-products will 
vary considerably from one company to another, 
depending on local conditions and particular require- 
ments, but under present conditions the ethylene 
market is considerably greater than that for the other 
by-products as sources of valuable petrochemicals. 
Thus, based on present market potential, a high ratio 
of propylene to ethylene in pyrolysis cannot be 
justified simply on the basis of its potential for poly- 
propylene, because there is sufficient propylene by- 
product made with a high severity operation to more 
than satisfy even this expanding requirement. 

For the present increasing ethylene market, pro- 
ducers should give careful consideration to installation 
of ethylene recovery capacity considerably larger than 
initial requirements. 


DISCUSSION 


T. T. Davies (Shell Chemical Co. Ltd): What kind of 
treating is required to make (1) 90 Research ON, (2) 
100 Research ON gasoline suitable for incorporation in 
motor gasoline? 


J. Chrones: The diolefins present in pyrolysis gasoline 
products may present a problem because of gum forming 
tendencies and instability. Some producers have been 
able to overcome this by dilution into large gasoline 
pools, whereas others have found it necessary to clay 
treat the product in order to make it saleable. With the 
greater amounts of these pyrolysis gasolines coming into 
production, dilution with other stocks becomes difficult 
and clay treating is unsatisfactory because of high losses. 
Selective hydrogenation of the diolefins is now finding 
favour as a means of treating this product in order to 
meet the gum and stability specifications. The high 
severity gasoline product at 100 Research ON actually 
has a lower diolefinic content than the 90 Research ON 
material. It is possible that this material could be 
made saleable by re-running and heavy inhibition, 
whereas this would be difficult or impossible with the 
90 Research ON material. 
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J. W. Gray (Shell Chemical Co. Ltd): Can Mr Chrones 
give a comparison between the manufacturing costs of 
ethylene as produced by the conventional coil pyrolysis 
process, and as produced in the process where fluidized 
sand is used for heat transfer? 


J. Chrones: We have no figures immediately available 
giving a good cost comparison between coil pyrolysis and 
fluidized hot sand techniques. 


L. Wilson (Lobitos Oilfields Ltd): What effect would 
naphthene content of light naphtha have on overall 
yield of ethylene, and on ethylene propylene ratio in 
products? 


J. Chrones: Naphthenic content of light naphtha most 
definitely affects pyrolysis ethylene yield as well as ratios 
of other products. 7iso-Paraffins and aromatics, if appre- 
ciable, must also be taken into consideration. In general, 
normal paraffins are the preferred components for high 
ethylene yields; isomers will give higher methane and 
C, or C, yields, depending on the actual compounds 
present; and some naphthenic compounds favour C, 
formation at the expense of ethylene and methane. 
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D. J. McCarthy (Stone & Webster Engineering Ltd): 
The economics of mild v. severe cracking for ethylene pro- 
duction are very sensitive to the relative values of the 
cracked gasoline. In this study the differential between 
the value of the 100 ON gasoline from severe cracking 
and the 90 ON gasoline from mild cracking was £4/ton. 
The differential between the 90 ON gasoline and the 
feed naphtha was only £1/ton. 


the feed naphtha arrived at on the basis of the difference 
between its ON and that of the 90 ON cracked gasoline? 





What was the value of 
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J. Chrones: The value of the feed naphtha was set 
on the basis of recent quotations and was not based on 
an ON differential. The base case values used in this 
paper for feed and products were selected as being 
approximately representative of conditions pertaining 
in the U.K. It is recognized that specific producers 
and locations will have different valuation structures, 
so the equations in the paper are set up to facilitate 
utilization of any desired combinations of feed and 
product values. 
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THE MANUFACTURE OF ETHYLENE OXIDE 
By R. P. VAN OOSTEN * 


SUMMARY 


A review is presented of some technical aspects of the manufacture of ethylene oxide by the two processes 
which at present are almost exclusively used for this purpose, namely, the chlorohydrin process, converting 
ethylene into ethylene chlorohydrin with the aid of hypochlorous acid followed by dehydrochlorination to give 
ethylene oxide, and the direct oxidation process, which converts ethylene in one step into ethylene oxide by 
means of reaction with oxygen or air over a silver catalyst. 


INTRODUCTION 

ETHYLENE oxide (EO) C,H,O was discovered by Wurtz 
in 1859, and he gave the compound its present name 
on the basis of certain alleged analogies between its 
properties and those of various inorganic oxides. 
The method which Wurtz used to prepare his new 
compound was in fact what would later be called the 
chlorohydrin process. A direct oxidation process 
was considered by Wurtz an impossibility, and in his 
first description of the new compound he even stated 
that “ethylene oxide cannot be made by a direct 
combination of ethylene and oxygen.” Wurtz cer- 
tainly is not to blame for such an incorrect statement, 
because it took about eighty years before the first 
successful attempts were made to synthesize ethylene 
oxide by direct oxidation of ethylene. 

The Frenchman Lefort discovered in the late 
twenties that this reaction was indeed possible if a 
silver catalyst on a suitable carrier were used. Very 
active development work in this field enabled the 
Union Carbide Chemicals Company, at that time 
named Carbide and Carbon Chemicals Corporation, in 
the U.S.A. to bring their and the world’s first com- 
mercial ethylene oxide plant based on direct oxidation 
of ethylene into operation in 1937-38. 

Until 1953 no other company managed to achieve 
the same success, although a large number of major 
chemical firms devoted substantial development efforts 
tothat purpose. Eventually, however, these attempts 
met with success, and since 1953 a steadily increasing 
number of units using the principle of direct oxidation 
have commenced operation. They are all based on 
either the Union Carbide Chemicals, the Scientific 
Design, or the Shell direct oxidation process. 

The rapid growth in the importance of the direct 
oxidation process is clearly illustrated by the fact that 
the world’s ethylene oxide production capacity based 
on this process is already now, i.e. after only 20 years 
of commercialization, at the point of breaking even 
with that following the old chlorohydrins route. 
What is the reason for this very distinct preference 
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shown by a large number of manufacturers for this 
new process as a means to cope with the world’s 
snowball-like increase in ethylene oxide requirements? 

The following general points present a good explana- 
tion for this trend: 


1. The direct oxidation process does not give 
rise to the manufacture of by-products in any 
substantial quantities. The chlorohydrin pro- 
cess, on the other hand, is hampered by the fact 
that it produces large amounts of by- and waste- 
products, such as dichloroethane and calcium 
chloride, which are often difficult to dispose of. 
The disadvantage of this wasteful use of chlorine 
is so serious that it can by no means be com- 
pensated by the somewhat better overall yield 
on ethylene in the chlorohydrin process compared 
with the direct oxidation process, in particular 
because concentrated ethylene—necessary for 
direct oxidation—is gradually becoming a rela- 
tively cheap commodity. 

2. The direct oxidation process does not require 
any chlorine, whilst this chemical is one of the 
main raw materials in the chlorohydrin process. 
Increase of chlorohydrin capacity therefore calls 
for increased chlorine capacity which, because of 
the growing unbalance in most countries between 
chlorine and caustic soda productions and con- 
sumptions, will necessarily push up the chlorine 
prices. 

3. The rapid development of chemical engineer- 
ing and engineering methods after the second 
world war enabled designers and constructors to 
solve or simplify problems which are inherent in 
a number of processes such as the direct oxidation 
of ethylene and which were previously preventing 
engineers from exploiting such processes com- 
mercially. 


FE In order to give an idea of the growth rate of ethyl- 
ene oxide consumption, Table I! gives an estimated 
U.S. distribution pattern in percentages of total 


* Bataafse Internationale Chemie Maatschappij. 
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requirements and absolute consumptions in million 
lb/year. 


TABLE I 
Estimated Distribution Pattern for Ethylene Oxide in the U.S.A. 


ee _ 











1950 1955 1960 
o o oa; 
yer Total Roe Total | os Total 
con. | 12MM | Con. | in MM | con- | im MM 
sumption| Ib/year |umption| !>/¥ear |umption Ib/year 
Ethylene glycol j 69-3 312 64-3 585 | 60-8 760 
Non-ionies ° ° 5-5 25 10°5 95 10-8 135 
Ethanolamines . 5-8 26 71 | 65 | 10-4 | 130 
Polyethylene glycol . 7°8 os) 8-8 80 8-8 110 
Acrylics , ‘ 5-8 26 5-7 52 | 5-6 70 
Glycol ethers . 5:8 26 3-6 33 3-6 45 
100-0 100-0 100-0 
Total U.S. consump- | 
tion of EO in —__—— - | |—___—_— 
million lb/year . 450 910 | 1250 


This table shows a trend which can also be expected 
in Europe: 


Ethylene glycol (of which roughly 80 per cent is 
used as anti-freeze) is responsible for a pre- 
dominant fraction of the total use of ethylene 
oxide; nevertheless, its relative importance is 
decreasing. 

Non-ionics and ethanol amines are rapidly in- 
creasing their importance as consumers of 
ethylene oxide. 

Consumption of ethylene oxide for polyglycols, 
acrylics, and glycol ethers is following approxi- 
mately average growth curves. 


The Chlorohydrin Process 

Union Carbide Chemicals, the successful designers 
and operators of the world’s first direct oxidation 
plant, have always been leaders in the field of EO 
manufacture. In fact, they were in 1922 also the first 
to employ the chlorohydrin process in their South 
Charleston plant. At present this process is still used 
by a large number of companies, Union Carbide 
Chemicals, Dow Chemical, Wyandotte Chemicals, 
Olin Mathieson Chemical, and Jefferson Chemical in 
the U.S.A., Badische Anilin und Soda Fabriken and 
Petrochemicals in Europe. 

In spite of its common use all over the world, the 
number of articles issued in the technical literature, 
especially those dealing with the influence of process 
variables on yields, is relatively small. Besides 
articles by Sherwood,” Plant,? Borrows and Caplin,‘ 
and Goepp et al.,> primarily describing actual plant 
operating conditions, and a paper by Domask and 
Kobe,® who approached the influence of reaction 
variables on yield by experimentation in the labora- 
tory, practically no additional details on the chloro- 
hydrin process are available. 

This paper will summarize some salient features of 
the different versions of the process which are in 
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commercial use, with particular reference to the plant 
operated by Shell on a licence from Carbo Chimique 
in their Petrochemicals works at Carrington near 
Manchester. 

In the chlorohydrin process the following basic 
reactions are involved: 





(1) CH,=CH, + H,O + Cl, —> 
HOCH,—CH,Cl ethylene 
chlorohydrin + HCl 
(2) HOCH,—CH,Cl + HCl + Ca(OH), —> 
CH,—CH, + CaCl, + 2H,0 
~ 2 2 2 


ethylene oxide 
Overall (1) + (2) 


CH,=CH, + Cl, + Ca(OH), —> 
CH,—CH, + CaCl, + H,0 


These main reactions are accompanied by the follow- 
ing by-product reactions: 


(3) CH=CH, + Cl, —> CICH,—CH,Cl 
dichloroethane 
(4) 2HOCH,—CH,Cl —-> 
CICH,—CH,—O—CH,—CH,C! ++ H,0 


cis (2 chloro-ethyl) ether 


(5) CH,—CH, + H,O —> CH,OH—CH,OH 
\O0% glycol 
(6) CH,—CH, “aa. CH,CHO 
07% acetaldehyde 


The chlorohydrin process to ethylene oxide consists 
of three steps, i.e. the conversion of ethylene to 
ethylene chlorohydrin, the dehydrochlorination of 
chlorohydrin to ethylene oxide, and the ethylene oxide 
purification (see Fig 1). 

The first two steps can be carried out in rather widely 
differing ways, whilst the third step, the product 
purification step, is usually only a matter of sufficiently 
sharp fractionation in a conventional train of dis- 
tillation columns. 

Regarding the chlorohydrination reaction, naturally 
all commercial processes aim at maximum yield. 
Therefore rapid formation of hypochlorous acid is 
desirable in order to prevent contact between ethylene 
and molecular chlorine, which would result in dichloro- 
ethane formation. 

Most manufacturers of EO by the chlorohydrin 
route achieve this by one of the following methods: 


(a) Dissolving chlorine in water in a separate 
vessel and feeding the resulting hypochlorous acid 
into the bottom of the actual reactor, where it is 
mixed with ethylene. 

(6) Combination of the dissolving and reaction 
vessels in the form of a vertical column where 
water and chlorine are introduced at the bottom 
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and ethylene is fed at a higher level at sufficient 
distance from the water/chlorine feed point to 
permit proper chlorine solution in water. 

(c) Recycling of the aqueous phase in a type of 
loop reactor. Both legs of the loop are filled with 
reaction liquor, the water and chlorine are fed 
into the downward-flowing medium in the side 
leg, the ethylene is introduced in the bottom of 
the main leg, where it reacts with the hypo- 
chlorous acid formed, the residual gas provides 
the upward gas lift, and reaction product over- 
flows at the top of the reactor leg. 


This latter type of recycle reactor, which, for in- 
stance, is used in the Petrochemicals plant at Carring- 
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No particular operational or mechanical difficulties 
aro encountered in this section of the Petrochemicals 
EO plant. The construction materials applied in the 
reaction towers are mainly Keebush, Delanium tiling, 
butyl rubber, and acid resistant brick lining, whilst 
Teflon is mostly used as jointing material. 

With respect to the dehydrochlorination of ethylene 
chlorohydrin to ethylene oxide, usually called the 
saponification, this conversion is most commonly 
carried out in a horizontal or vertical vessel provided 
with open steam inlets in the bottom part and a type 
of dephlegmator at the top. An aqueous lime slurry 
is mostly used to neutralize the HCl already present 
in the chlorohydrins stream and to form the oxide 
from the chlorohydrin by removal of HCl. A slight 
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ETHYLENE OXIDE BY THE CHLOROHYDRIN PROCESS 


ton and which is described in ample detail in the 
previously mentioned articles by Plant and Borrows 
et al., has given results which are in line with the 
results of the laboratory experiments by Domask and 
Kobe with respect to the influence of percentage excess 
ethylene in the reactor feed, concentration of ethylene 
chlorohydrin in the reactor liquid, reactor tempera- 
ture, and type of reactor on the yield of ethylene 
oxide. 

The chlorohydrination reactor conditions usually 
applied are: 


C,= conen in fresh feed 95-98°% mol 
C,=/Cl, mol ratio in reactor feed 1-3-1-6 
Chlorohydrins conen in reactor product 4-6% 

C,= utilization in reactor . Approx 95°% 
Temperature 45° C 


VOLUME 46, NUMBER 443—NOVEMBER 1960 


excess of CaO reduces the corrosion in the saponifier 
vessel. 
The conditions used in most commercial plants are 


Chlorohydrin concen in feed 
Temperature . 

Residence time ‘ 
EO conen in top vapour . 


4-6%, 
Approx 100° C 
15-20 min 
20-30%, 


The following overall yield data illustrate normal 


operation. 
Ethylene utilization for 


Ethylene oxide . 
Dichloroethane . 

Dichloro ethyl ether 
Acetaldehyde_ . . ‘ 
Vent and unaccounted losses 


80-85%, 
5-10%, 
1-2% 


)0/ 
1-2 (9) 


Approx 5% 
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The Direct Oxidation Process 


As mentioned in the introduction, the original 
discovery by Lefort of the influence of a silver catalyst 
on the direct reaction of ethylene with oxygen was 
followed up by Union Carbide Chemicals, who de- 
veloped this direct oxidation process into a com- 
mercial plant which started operation just before the 
outbreak of the second world war. This, of course, 
stimulated research activity in this field, but although 
more than ten large chemical firms, both in the U.S.A. 
and Europe, spent considerable sums of money on 
different versions of the process, it was not until 1953 
that Naphta Chimie in France commenced operation 
on the world’s second direct oxidation plant built by 
Scientific Design. In subsequent years this company 
has designed more plants in different parts of the 
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ETHYLENE OXIDE BY THE SHELL 


world, all of them based on ethylene oxidation with 
the aid of air as the oxygenating compound. Since 
1958, however, Shell have entered this field after many 
years of extensive and thorough development work, 
and at present already three large-scale plants—for 
Wyandotte Chemicals, the Calcasieu chemical plant 
of Petroleum Chemicals Incorporated (PCI), and 
Petrochemicals—all based on the use of oxygen in- 
stead of air, are in successful operation, and one other 
—for Olin Mathieson Chemical—is under design. 

Sherwood,! Borrows e¢ al, Landau,’ and a number 
of other authors have already described the direct 
oxidation process, but in all cases the emphasis was 
put on details of the “ air case’ design. This paper 
will devote more attention to special features of 
interest of the Shell process, which uses oxygen as the 
oxidant. 

Direct oxidation of ethylene involved a slightly 
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exothermic reaction with molecular oxygen at a 
temperature of between 250° and 300° C and in the 
presence of a silver catalyst 


CH,=CH, + 30, —> CH Hs + 28-6 kcal 


The two competing reactions are, first, the highly 
exothermic total combustion of the feed hydrocarbon, 
which reaction can be suppressed to a certain extent 
by the use of a catalyst moderator 


CH,—CH, + 30, —+> 2CO, + 2H,0 + 316-2 kcal 
and secondly. the EO isomerization reaction to form 
acetaldehyde 


CH,—CH, —> CH,CHO 
\o% acetaldehyde 
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DIRECT OXIDATION PROCESS 


The flow scheme of the Shell version of this process 
is given in Fig 2. 

Fresh ethylene of about 95 per cent mol or better 
is added to the recycle gas stream, which is then 
compressed and mixed with oxygen (about 95 per cent) 
obtained from an air separation plant. The combined 
feed is then preheated against the reactor product 
stream and enters the reactors. In these multi- 
tubular reactors filled with the oxidation catalyst, the 
reaction takes place. In this section a simple but 
very efficient temperature control system maintains 
the proper maximum reactor temperature. The 
reactor product is cooled by exchange with the reactor 
feed prior to entering the EO absorber. The quenched 
gas is scrubbed with cold process water, which absorbs 
the EO to give an aqueous solution. A very small 
portion of the absorbed gas from the absorber is vented 
to remove inerts; of the remainder, part is recycled 
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directly and the rest returned to the reaction section 
after scrubbing it with hot alkaline solution to remove 
the carbon dioxide which would otherwise build up. 

The aqueous solution of EO from the absorber is 
fed to a stripper where the EO goes overhead. The 
hot lean water absorbent preheats the stripper feed, 
then it is cooled to ambient temperature before recycle 
to the absorber. The small amount of ethylene 
glycol formed in the stripper is concentrated. The 
stripper overhead is condensed and fed to the light 
ends column, where mainly CO, is removed; the 
bottom stream goes to the dehydration column, where 
high purity EO is taken overhead and run down to 
storage. In two of the three plants which operate 
already, at present part of or all the EO produced is 
converted into ethylene glycol in a unit based on the 
glycol process also licensed by Shell. 

As mentioned before, Shell entered the field of 
commercial direct oxidation plants only after a very 
extensive laboratory and pilot plant study at Emery- 
ville, California, U.S.A., which lasted from 1949 to 
1953. 

Possibly due to lack of data on commercial direct 
oxidation EO plants applying oxygen as the oxidant, 
only a very small number of authors (e.g. Landau’ 
and Sherwood!) have attempted to give an appraisal 
of the process using oxygen as compared with air. 

The two most important factors which are usually 
raised in the comparison of the respective merits of 
the air and oxygen processes are the safety and 
economic aspects.? 

With respect to the former it should be made quite 
clear that Shell Development in their thorough study, 
both theoretical and experimental, based on work 
published by the U.S. Bureau of Mines,* have con- 
clusively proven that the conditions under which the 
Shell process operates are completely outside flam- 
mable or explosive limits. 

As far as the capital costs of the plants are con- 
cerned, it must be realized that oxidation with pure 
oxygen, of course, requires an air separation plant. 
On the other hand, however, a process using air will 
necessarily need considerably larger compression 
facilities, a multiple of large-sized reactors—due to 
the double staging and the diluted nature of the reactor 
feed—and equipment for the reduction of ethylene 
purge losses. Absolute levels of capital requirements 
naturally depend strongly on location and condition 
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of site, but all four Shell licensees have selected the 
Shell process after a thorough study had taught them 
that the process was competitive in capital invest- 
ment too. 

In this respect it is worth noting that in the Shell 
process the reaction unit involves a cycling gas 
system with reactants circulating through fixed-bed 
catalytic converters, the size of which is selected so 
as to minimize the number of such units to be con- 
trolled and regulated while simultaneously providing 
the required degree of flexibility of operation. For 
large-scale plants the capacity of one reactor can be 
as high as 12,000 tons/year without reaching excessive 
dimensions. The construction material is mild steel 
throughout. 

The reactor coolant system used in the Shell 
ethylene oxide process is of a special design to pro- 
vide absolute control for this exothermic reaction. 
A stable, readily available, and cheap coolant is 
utilized. 

The catalyst used in the Shell process is the result 
of a long experimental development. This catalyst, 
which of course also contains metallic silver on a 
varrier, was chosen on the basis of high performance 
and stability in operation, structural ruggedness, ease 
and reproducibility of manufacturing. It has been 
prepared and is available commercially at present 
from three suppliers. In all the plants in operation at 
present its performance has been a complete success. 
Selectivities of well over 70 per cent have been attained 
in the commercial units. Total plant yields of 0-975 
lb/Ib EO are feasible, as practice has conclusively 
shown. 

In two commercial units the original charge of 
catalyst has been in operation for a year and a half, 
no decline in activity has been noticed, and therefore 
no replacement is anticipated in the foreseeable 
future. 
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DISCUSSION 


H. Steiner (Manchester College of Technology): Mr 
van Oosten mentioned that there is at present no process 
in commercial operation producing propylene oxide by 
direct oxidation of propylene. I wonder whether he 
would enlarge on the point by telling us if there are such 
processes in the development stage and what the chances 
are that they will reach commercial exploitation. 
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R. P. van Oosten: As mentioned, to my knowledge no 
commercial process exists for the manufacture of pro- 
pylene oxide by direct oxidation. This certainly does 
not mean that no interest exists in such a process. From 
patent and other published technical literature it is 
known that many companies are carrying out research 
along these lines, but in my opinion there are only a 
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few which would seem to have a fair chance of developing 
into economic commercial processes. 





M. Shaw: The author has indicated the importance 
of heat removal from direct oxidation reaction, and 
presumably close temperature control of the catalyst bed 
is equally vital. In similar other oxidation reactions of 
hydrocarbons, the fluidized bed technique has been 
successfully adapted to achieve better control of heat 
removal. Some years ago the “‘ Vulcan ”’ direct oxida- 
tion fluidized bed process was made known, but there 
have been no announcements of its commercial develop- 
ment. Could the author indicate the present situation 
regarding the application of the fluidized bed technique 
to the manufacture of ethylene oxide? 


R. P. van Oosten: It is true that some companies have 
attempted to promote a fluidized bed reactor set-up for 
EO manufacture. I think that this idea, which was also 
considered extensively by Shell, is sound in principle but 
presents problems which would complicate the design of 
the plant unnecessarily. 


W. A. King (Union Carbide Ltd): What catalyst bed 
temperature would one expect with the direct oxidation 
method of producing ethylene oxide, and how critical is 
this temperature? Does the formation of aldehydes in 
the above method present a manufacturing problem? 


R. P. van Oosten: The catalyst bed temperature in 
processes for direct oxidation of ethylene to EO is always 
between, say, 240° and 300° C. Under normal operating 
conditions the temperature variations occurring in the 
reactors operating according to the Shell process are 
never greater than a few degrees. 

With respect to the formation of aldehydes, I can state 
that in Shell plants where the operation is properly 
established after a normal start-up period, aldehyde 
formation is not a problem. 


W. M. O. Rennie (ICI (Heavy Organic Chemicals) 
Ltd): Why is water not suitable as a coolant for the 
reactor, and what is the coolant used? 


R. P. van Oosten: Water could, of course, be used as 
a coolant, but a specially chosen hydrocarbon fraction is 
used in the Shell process for capital and operational cost 
reasons. 


J. W. Fletcher (ICI (Heavy Organic Chemicals) Ltd): 
Is the production of ethylene oxide by the chlorohydrin 
process competitive with the direct oxidation process if 
there is a market for the caustic produced in the produc- 
tion of the chlorine required? 


R. P. van Oosten: The netback which can be achieved 
for caustic soda influences the chlorine price, which in 
turn has a very significant bearing on the EO manu- 
facturing cost in chlorohydrin plants. 

Although dependent therefore on local conditions, 
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generally speaking the present world situation is such 
that economically the direct oxidation is definitely the 
preferred process. Apart from this consideration, the 
usually higher purity of direct oxidation EO gives this 
process a preference over the chlorohydrin process for a 
number of applications. 


P. F. Miles (E. I. du Pont de Nemours & Co. Ltd): 
We have been told about four commercial direct oxida- 
tion processes based on the Shell method. For com. 
parison, how many commercial plants are in operation 
based on the Scientific Design process? 

In addition, bearing in mind the necessity for oxygen 
for the Shell process, is there a minimum economical 
plant size and how does this compare with the Scientific 
Design plant, in cases where O, is not available already? 


R. P. van Oosten: The four plants licensed from Shell 
have a total capacity of about 120,000 tons/year, 
Scientific Design, who were in the direct oxidation 
business much earlier than Shell, have definitely built 
more than four, but the greater proportion of their plants 
are relatively small. 

I have the conviction that under equal conditions with 
respect to site development and engineering standards 
applied, the Shell process for plants of capacities not 
below, say, 6000—10,000 tons/year is certainly competitive 
with processes using air as the oxidant. 


J. A. Hodson (Esso Petroleum Co. Ltd): What is the 
quality of the feed required for this process and what 
specific impurities should be excluded? 


R. P. van Oosten: Except for the acetylene content, 
which should be low for process reasons, no stringent 
limitations exist with respect to the presence of other 
hydrocarbons in the ethylene feed. Maximum allowable 
concentrations are more a matter of economy than of 
process considerations. 


Kenneth D. Rutter (Union Carbide Ltd):. Mr van 
Oosten has suggested that the subject of ethylene glycol 
is very close to the heart of Shell. This may also be said 
of others, such as Union Carbide, whom I represent. In 
presenting 1960 use figures by application in Table I of 
his paper, surely full account should be taken of the 
recent action which has been taken by the U.S. Food and 
Drug Authority, presumably as a result of pressure by 
food packaging or wrapping concerns, to eliminate the 
use of ethylene glycol and its homologues as base plas- 
ticians in regenerated cellulose film on grounds of toxic 
hazard. The relevance or real hazard which may result 
from the use of ethylene glycol and diethylene glycol in 
the proportion used, and which may be in any case con- 
siderably reduced by virtue of the film coatings employed, 
cannot be considered here, but if they are not permitted 
on result of this investigation, then by percentage outlet 
and weight use the amount is significant and would 
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reflect on the figures in the table presented. 
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INDUSTRIAL CHEMICALS BASED ON ETHYLENE AND PROPYLENE 


By A. F. MILLIDGE* 


INTRODUCTION 


TuE post-war years have witnessed an enormous ex- 
pansion in the production of organic chemicals. A 
new branch of chemical industry, ‘‘ Heavy Organic 
Chemicals,” has come into being, based largely upon 
the utilization of petroleum fractions as raw materials. 

The vast increase in the production of petroleum 
chemicals is the result of the development and popu- 
larization, mainly within the life of the present genera- 
tion, of synthetic alternatives to certain classes of 
materials previously obtained from natural sources. 
The major part of the increased production goes in 
fact to the synthetic rubber, plastics, fibre, surface 
coating, and detergents industries. The world-wide 
programmes of research and development being 
directed towards improving the properties of such 
synthetics, and towards decreasing their costs, will 
almost certainly result in an increased public accept- 
ance of these materials and a consequent increase in 
the production of chemicals from petroleum. 

A considerable part of the heavy organic chemicals 
industry is based on ethylene and propylene, produced 
by the cracking of petroleum feedstocks. These two 
simple olefins, manufactured to-day on an enormous 
scale, are the basic building blocks for a large pro- 


TABLE I 
Chemicals from Ethylene 

-> polyethylene 

—> ethylbenzene —> styrene 

-> ethylene oxide > glycol, ethanolamines, etc. 

+> ethanol (see Table II) 
Ethylene———+> acetaldehyde 

+> C,-C,, primary alcohols 

> ethyl chloride > tetraethyl lead 

+> ethylene dichloride > vinyl] chloride 

> ethylene dibromide 


TaBLeE II 
Chemical Products from Ethanol 
+> esters 
Pere [> acetic acid— ra 
— > acetic 
| anhydride 
pentaerythritol 


Ethanol—-> acetaldehyde— 
ethyl acetate 


> crotonaldehyde 


Y -> n-butanol 
n-butyr- 
aldehyde— 
+> 2-ethyl- 
hexanol 


portion of the aliphatic organic chemical production. 
The purpose of this paper is to survey briefly this wide 
field of chemicals stemming industrially from ethylene 
and propylene. 

The utilization of ethylene for polymer production 
(particularly to polyethylene and polystyrene) is very 
large, and increasing rapidly. The production of 
polypropylene will soon be absorbing large amounts 
of propylene. A considerable proportion of the world 
production of ethylene is converted into ethylene oxide 
and its derivatives. These outlets are being dealt 
with in other papers at this symposium, and hence will 
not be considered further here. 

Large quantities of ethylene and propylene are, 
however, transformed into chemicals other than those 
mentioned above, and these form the subject of the 
present paper. 

The most important chemicals derived industrially 


TaBLe III 
Chemicals from Propylene 
—> polypropylene 


+> propylene oxide > propylene glycol, etc. 


-> acetone (see Table IV) 
+> isopropanol— 
Ly acetone + hydrogen per- 
oxide 
> iso- and n-butanol 
Propylene—-> heptenes 


> cumene-> phenol + acetone 


-> epichlorhydrin > epoxy- 
+> allyl chloride— resins 
| L> allyl aleohol-> glycerol 


+> acrolein > glycerol 

| 

+> acrylonitrile 

> tetramer > dodecylbenzene 


TaBLE IV 
Chemical Products from Acetone 


> ketene —> acetic anhydride 
| -> hexylene glycol 
+> diacetone 
aleohol—-> mesityl oxide -> methylisobuty] 
ketone 
Acetone— 

+> methyl methacrylate 


-> diphenylolpropane 





* The Distillers Co. Ltd. 
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from ethylene at the present time, or projected in the 
near future, are given in Tables I and II. 

The most important substances derived industrially 
from propylene are given in Tables III and IV. 


ETHYLENE 


Hydration of Ethylene to Ethanol 


The older route to industrial alcohol, by fermenta- 
tion of molasses, etc., is rapidly giving way in the 
U.S.A. and the U.K. to newer routes based on the 
hydration of ethylene from petroleum sources. In 
1958-59 about 85 per cent of the industrial alcohol 
production of the U.S.A. was produced by synthesis 
from ethylene. In tonnage of ethylene consumed, 
ethanol production was second only to ethylene oxide 
production. 

There are two routes to synthetic ethanol: (1) by 
reaction of ethylene with sulphuric acid, followed by 
hydrolysis of the sulphuric esters produced, and (2) 
hydration in the vapour phase over a supported acid 
catalyst. 

(1) Sulphuric Acid Process. Inthis process ethylene 
is converted into sulphuric acid esters, which are 
subsequently hydrolysed to ethanol and aqueous 
sulphuric acid : 

H,0 


C,H, + H,SO, —> C,H,-HSO, —> 
C,H,OH + H,SO0, aq 

ethyl hydrogen sulphate 
2C,H, + H,SO,—-> (C,H,).S0,—-> 
2C,H,OH + H,SO, aq 


diethyl sulphate 


Some diethyl ether is formed by reaction between 
ethyl hydrogen sulphate and ethanol: 


C,H,-HSO, + C,H,OH —-> (C,H,),0 + H,SO, 


A sample of synthetic ethanol produced by this 
route was on show at the World Exhibition in London 
1862, and excited considerable interest and comment. 
The process was not operated technically until 1919, 
however, when a plant based on coke oven gas was 
erected in England; this plant was apparently not a 
success economically. The first commercial unit 
based on ethylene from petroleum sources was built 
in the U.S.A. in the 1930s, and some very large units 
were erected there during the war years. 

In order to obtain reasonable rates of ethylene 
absorption, the sulphuric acid must be of at least 
96 per cent concentration. The ethylene must be 
purified before use, particularly to remove propylene, 
higher olefins, and butadiene, all of which resinify 
and carbonize under the extreme conditions of 
ethylene hydration. This purification is achieved by 
normal fractional distillation, by carbon absorption, 
or by washing successively with 80-85 per cent and 
90-92 per cent sulphuric acid. Dilute ethylene (e.g. 








30 per cent upwards) can be used as feed, provided 
that the diluents present are inert (e.g. hydrogen and 
saturated hydrocarbons). 

The ethylene absorption is carried out at about 80° 
in towers; pressure (10-40 atm, dependent on ethylene 
concentration) is normally used, particularly where 
dilute feeds are employed, in order to increase the 
absorption rate. Almost complete absorption (de. 
pendent on the ethylene concentration) is obtained 
without recycle. 

The ethylene extract, containing ethyl hydrogen 
sulphate and diethyl sulphate, is hydrolysed by the 
addition of water and heating. The hydrolysis mix. 
ture is then distilled to remove the ethanol and some 
by-product diethyl ether, which are separated and 
purified by conventional distillation procedures. The 
dilute sulphuric acid, containing 30-40 per cent acid 
and organic material equivalent to about 2 per cent 
carbon, is re-concentrated, usually under vacuum, 
when coke separates out; all the carbon can be finally 
removed by treatment with nitric acid or nitrogen 
dioxide. 

The ether is formed mainly by the interaction of the 
diethyl sulphate or ethyl hydrogen sulphate with 
ethanol, and various procedures have been adopted to 
minimize the formation of this by-product, e.g. it is 
claimed that hydrolysis in two stages is helpful in this 
respect. 

The re-concentration of the sulphuric acid requires 
a considerable capital investment, and uses large 
quantities of steam. Because of corrosion, the main- 
tenance costs can be high. In general, it seems likely 
that the process can. be truly economic only where a 
means for disposal of dilute sulphuric acid exists (e.g. 
for ammonium sulphate manufacture) or where very 
cheap heat is available for the acid concentration. 

(2) Vapour Phase Catalytic Process. The vapour 
phase hydration of ethylene over acid catalysts has 
been known for many years. The first development 
of a commercial process based on this reaction, how- 
ever, was carried out by the Shell Development 
Company, and the first plant was erected in the U.S.A. 
in 1947. The process has been operated in the U.K. 
by British Hydrocarbon Chemicals at Grangemouth 
since 1951, under licence from Shell. Compared with 
the older sulphuric acid process, this process has the 
advantages of lower capital investment and lower 
operating costs, mainly as a result of the elimination 
of the problems involved in handling and re-con- 
centrating the sulphuric acid. 

In the Shell process ethylene is reacted with steam 
over a phosphoric acid catalyst supported on celite, 
an equilibrium being established : 


C,H, + H,O = C,H,OH 


The equilibrium concentration of ethanol decreases 
rapidly with rise in temperature, but increases with 
rise in pressure. 
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Small amounts of by-products are also formed, the 
main side reaction being the dehydration of ethanol 
to diethyl ether. Traces of acetylene present in the 
feed ethylene can give acetaldehyde by hydration, and 
a very small amount of ethylene is converted to poly- 
mer. 

At Grangemouth the ethylene feedstock contains 
small amounts only of ethane, methane, and acetylene. 
The feed gas is compressed to the reaction pressure 
(about 1000 psi) and mixed with the recycle gas 
stream. Hot water is also fed in, and the combined 
stream (containing a water : ethylene molal ratio of 
(6: 1) is preheated by exchange with reactor product. 
The totally vaporized feed is then heated to reaction 
temperature (about 300° C), and passed in downward 
flow through the reactor packed with the pelleted 
catalyst. Only a small fraction (4-5 per cent) of the 
ethylene is converted to ethanol per pass, and the heat 
liberation is small. 

The reactor product is cooled, partly by heat ex- 
change with the feed, and dilute caustic soda solution 
is added to neutralize traces of acid carried out of the 
reactor. The liquid and gas streams are then 
separated, and the gas is scrubbed with water to 
remove ethanol. A small proportion of the gas is 
bled off to limit the build-up of methane and ethane, 
and the rest is recycled. The dilute aqueous ethanol 
obtained is stripped of ethanol in a column, and the 
ethanol fed as vapour to a hydrogenation reactor, 
where, over a supported nickel catalyst, essentially all 
aldehydes present are converted to alcohols. The 
hydrogenated product is then topped to remove light 
ends (mainly ether) and the bottoms product (ethanol 
with some water) is distilled in a final column in which 
the ethanol is taken off a few trays below the head. 
The ethanol produced is of high purity. 


Ethanol as a Chemical Intermediate 


Ethanol is widely used as a solvent, but its main 
outlet is as an intermediate in the chemical industry. 
Considerable tonnages are converted to the ethyl 
esters of various acids (e.g. acetic), but the largest 
chemical use is for the manufacture of acetaldehyde, 
which in turn is converted into a number of other 
chemicals. In 1958 more than half of the industrial 
alcohol of the U.S.A. was converted into acetaldehyde, 
and in the U.K. the picture is not greatly different. 

(1) Acetaldehyde and some derivatives. The de- 
hydrogenation of ethanol gives acetaldehyde and 
hydrogen : 


C,H,OH —> CH,CHO + H, 


This dehydrogenation is carried out in the vapour 
phase at normal pressure, at temperatures of 250°— 
300°, over a supported copper-based catalyst which 
may contain activators. An equilibrium is set up, 
but under the conditions used quite high conversions 
per pass are obtained and the yields are well over 
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90 per cent of the theoretical. The product gases 
arc cooled and scrubbed with water, the aqueous 
extract being fractionated to recover the acetaldehyde. 
Because of the low b.p. (21°) of the aldehyde, either 
refrigeration or pressure distillation is necessary. 
Unconverted ethanol is recycled. The by-product 
hydrogen is pure, apart from traces of carbon 
monoxide and methane, and can have useful applica- 
tions in other processes on the site. 

Ethanol is also converted to acetaldehyde by a 
vapour phase oxidation : 


2C,H,OH + 0, —-> 2CH,-CHO + 2H,0 


This reaction is carried out with air or oxygen over a 
supported silver-based catalyst at 300°-500°. Be- 
cause the acetaldehyde itself will oxidize under these 
conditions, it is necessary to limit the conversion per 
pass to 25-35 per cent. Yields of 95 per cent are 
obtained, but in this process there is no credit for the 
hydrogen, which appears largely as water (a limited 
amount of dehydrogenation also occurs in the process). 
The acetaldehyde is recovered by water scrubbing as 
in the previous process. 

The reverse reaction, hydrogenation of acetaldehyde 
to ethanol, was actually carried out in Germany on a 
technical scale, the acetaldehyde being made from 
acetylene. 

The bulk of the acetaldehyde produced is consumed 
in the manufacture of acetic acid and anhydride (see 
below), but considerable amounts are also used in the 
production of other chemicals, notably C, and C, 
molecules. 

The treatment of acetaldehyde with catalytic 
amounts of alkali in the cold leads to self-condensation 
to give aldol: 


alkali 


CH,CHO + CH,CHO > CH,CHOH-CH,-CHO 


ata vs 
aldol 


With conversions per pass of about 60 per cent yields 
of 95 per cent or so are obtained. The aldol can be 
recovered as such, or immediately dehydrated by 
distillation in the presence of acid to give croton- 
aldehyde in almost theoretical yield: 


CH,-CHOH:CH,-CHO IN CH,CH=CH-CHO 
aldol crotonaldehyde 
Crotonaldehyde has only small uses as such, but is 
readily converted to n-butyraldehyde and n-butanol 
by hydrogenation: 
CH,-CH=CH-CHO + H, —> 
CH,°CH,°CH,CHO + H, —-> CH,CH,CH,CH,OH 
n-butyraldehyde n-butanol 
Good yields of butyraldehyde can be obtained by 
the correct choice of catalyst and reaction conditions. 
In practice, the process is carried out in the vapour 
phase over catalysts such as copper or nickel; some 
butanol is always produced as a by-product. 








When n-butanol is the desired product the process 
is similar but uses an activated copper-based catalyst. 
This route is still an important one to butanol (which 
is required in large amounts for ester manufacture), 
though it is being displaced to some extent by the 
OXO process based on propylene (see later). 

The n-butyraldehyde is converted to the C, primary 
alcohol, 2-ethylhexanol, by a similar series of reactions: 


2CH,-CH,-CH,-CHO —> 
CH,CH,-CH,-CH=C(C,H,)-CHO —"’-> 
ethylpropylacrolein 
CH,CH,CH,CH,-CH(C,H,)CH,OH 


2-ethylhexanol 


This alcohol is used in large amounts, as its phthalate, 
as a plasticizer for polyvinyl chloride. In this appli- 
cation it is in competition with the higher alcohols 
(C,-C,9) produced by the OXO process. 
The alkali catalysed reaction of formaldehyde with 
acetaldehyde gives pentaerythritol : 
3CH,0 + CH,CHO + 2H —~> (HOCH,),C-CH,OH 


pentaerythritol 


The hydrogen required is supplied by the form- 
aldehyde, which is present in excess. The catalyst 
used is normally calcium hydroxide, and the reaction 
conditions must be carefully controlled in order to 
avoid the formation of unwanted by-products. 

Trimethylolpropane is similarly made from n- 
butyraldehyde and formaldehyde: 


2CH,0 + CH,CH,CH,CHO + 2H —> 
CH,CH,C(CH,OH), 


trimethylolpropane 


Both of these polyglycols are important constituents 
of alkyd resins. 

(2) Ethyl acetate. This ester is made on a large 
scale from ethanol and acetic acid by a standard 
esterification procedure. An alternative route, how- 
ever, is from acetaldehyde in one stage by the 
Tischtschenko reaction, using as catalyst aluminium 
ethylate or butylate: 

2CH,CHO —~-> CH,CO-OCH,CH, 
ethylate 
This process is operated industrially in Germany and 
Canada. 

In the German process (Hoechst) the catalyst 
solution is prepared from aluminium powder, alu- 
minium and ferric chlorides, and ethanol in ethyl 
acetate solution. Acetaldehyde and catalyst solution 
are fed continuously to a reactor, and held at the 
reaction temperature of 12°-14° by brine cooling. 
A conversion of 95 per cent is obtained in the reactor, 
and this is raised to 99-5 per cent by a further residence 
period in a holding tank. The crude ester is separated 
from catalyst sludge by distillation, and purified by 
fractionation. The sludge is decomposed by addition 
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of water, organics are distilled off, and the residual] 
aluminium and ferric hydroxides are dumped. 

(3) Acetic Acid, Ketene, and Anhydride. The 
oxidation of acetaldehyde in the liquid phase gives 
peracetic acid as the initial product: 


CH,CHO + 0, —> CH,CO-OOH 


peracetic acid 


Peracetic acid formed in this way is finding some 
outlets at the present time for the oxidation of olefing 
to epoxides; the peracid is thereby reduced to acetic 
acid: 


CH,CO-OOH + RCH=CHR’ —> 
CH,COOH + RCH—CHR’ 
\o’% 
epoxide 
Such epoxides are used as plasticizers and stabilizers 
for polyvinyl chloride. 

In the presence of certain catalysts the peracid 
initially formed reacts with more acetaldehyde to give 
either acetic acid or acetic anhydride as the main 
products. 

The oxidation of acetaldehyde to acetic acid employs 
a manganese salt (e.g. manganese acetate) as catalyst, 
and is carried out with either air or industrial oxygen 
at a temperature of 50°-70°. The process may be 
operated batchwise in pot reactors or continuously in 
pots or towers. The reaction is highly exothermic. 
High conversions are obtained, and the yield is up to 
98 per cent. The acetic acid is recovered by topping 
and tailing the oxidation product in stainless steel or 
copper fractionating columns. 

The oxidation of acetaldehyde to acetic anhydride 
employs a catalyst of cobalt plus copper salts. The 
exact mechanism of this reaction is not known with 
certainty, but the peracetic acid initially formed 
appears to form an intermediate with acetaldehyde, 
which then decomposed to give the anhydride and 
water: 


CH,CO-OOH + CH,CHO —+> 
peracetic acid 
CH,CO-00-CHOH-CH, —> (CH,CO),0 + H,0 


intermediate acetic anhydride 


The reaction is carried out continuously, e.g. in 
towers using air or oxygen, at 30°-60° and substantially 
atmospheric pressure; the acetaldehyde concentra- 
tion in the reactor is always low. Good cooling is 
necessary to remove the high heat of reaction. 

Since the two reaction products, anhydride and 
water, can react together, thereby reverting to acetic 
acid, a high rate of oxidation and a short residence 
time favour a high yield of anhydride. The presence 
of diluents cuts down the rate of hydrolysis of the 
anhydride, and allows conversions to anhydride of 
70 per cent or more to be achieved. 

The reactor product must be very rapidly distilled 
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to separate water and anhydride, in order to minimize 
the reversion to acetic acid; some reversion in fact 
always occurs. This distillation is carried out 
continuously, either in partial vacuum, to limit the 
temperatures required, or in the presence of an en- 
trainer, to aid the separation. After removal of water 
and small amounts of low boiling by-products, the 
acetic anhydride is separated from acetic acid’ by 
fractional distillation in stainless steel or copper 
equipment. 

Acetic anhydride is also manufactured on a very 
large scale by the thermal cracking of acetic acid. In 
this case the reaction goes via ketene: 

CH,COOH "> CH,:CO + H,O 


cracking 
ketene 


CH,COOH + CH,:CO —> (CH,CO),0 


This thermal decomposition is carried out by passing 
the acetic acid vapour, mixed with catalytic quantities 
of volatile organic phosphates (e.g. triethyl phosphate) 
through heated coils of special high-chromium stain- 
less steel. The reaction temperature used is 650°- 
700° and the contact time is about a second. The 
condensed product contains acetic anhydride, water, 
and unchanged acetic acid, and the water must be 
separated quickly by distillation under vacuum or 
with an entrainer in order to avoid recombination. 

In modern plants, however, the ketene is isolated 
and reacted in a separate stage with acetic acid 
(Wacker process). The cracking is carried out under 
vacuum (about 100 mm) and at 700°, and the ketene 
is stabilized by feeding a small amount of ammonia 
into the product gases from the converter. The 
products are rapidly cooled to condense out aqueous 
acetic acid (30-40 per cent), and the ketene (b.p. 
—41°) is taken off as a gas under reduced pressure and 
absorbed in glacial acetic acid in scrubbing towers to 
give anhydride. Yields of 95 per cent are obtained, 
at conversions of 80 per cent and higher. The weak 
acetic acid is reconcentrated and recycled. The 
waste gas from the process contains carbon monoxide, 
ethylene, methane, and carbon dioxide. 

Ketene is also produced on a large scale by the 
thermal cracking of acetone (from propylene) : 

CH,-CO-CH, “> CH,:CO + CH, 
cracking 
This is carried out in a similar way to the cracking of 
acetic acid, by passing acetone vapour through heated 
coils of special steel at a reaction temperature of 
600°-700° and contact time of about 0-3 sec. No 
catalyst is used, however, and the reaction pressure 
is normally about atmospheric. The conversion per 
pass has to be limited in order to avoid side reactions. 
In the plant operated by Courtaulds in the U.K. a 
yield of about 80 per cent is reported to be obtained 
at 25 per cent conversion; lower conversions give 


VOLUME 46, NUMBER 443—NOVEMBER 1960 


MILLIDGE: INDUSTRIAL CHEMICALS BASED ON ETHYLENE AND PROPYLENE 357 





higher yields but also increase the plant costs. The 
addition of small amounts of carbon disulphide to the 
acetone feed eliminates excessive carbon formation, 
and the high gas velocities used scour out the soot 
formed and keep the tubes clean. The reaction gases, 
including unreacted acetone, are quenched with 
glacial acetic acid, which reacts with the ketene to 
give anhydride. The unreacted acetone is recovered 
by distillation and recycled. 

The majority of the ketene produced industrially 
is converted at once into acetic anhydride. A limited 
amount, however, is dimerized to produce diketene. 


CH,:CO + CH,!CO —> CH,CO-CH=CO 


diketene 


This reaction takes place very readily in solution, e.g. 
in acetone or in diketene itself. The dimerization is 
very exothermic, and the reaction temperature must 
be kept low to avoid the formation of by-products 
(particularly polymers). In a published procedure 
ketene from acetone pyrolysis is cooled to —20° to 
remove condensibles, and the gaseous ketene is then 
passed into circulating diketene at 5°. The residence 
time is sufficient to allow complete dimerization, and 
the heat is removed by circulation through heat 
exchangers. The product may be purified by distilla- 
tion, but as diketene is a very reactive and not very 
stable substance, it is best converted fairly quickly 
into more stable products. Its main uses are to give 
derivatives of acetoacetic acid (e.g. esters, anilides), 
of use in the pharmaceutical and dyestuff fields: 


CH,CO-CH=CO + R-OH —> CH,CO-CH,:CO-OR 


alcohol 


CH,CO-CH=CO + R’-NH, —> 
CH,CO-CH,-CONH-R’ 


aromatic amine 


(4) Butadiene. The production of butadiene from 
ethanol was carried out on a very large scale in the 
U.S.A. during the wartime emergency period; the 
ethanol was produced mainly by fermentation at that 
time. 

In carrying out this process, part of the ethanol 
was first dehydrogenated to acetaldehyde, and a 
mixture of acetaldehyde and ethanol (molar ratio 
1:3) vapours was passed at 330° over a catalyst 
composed of silica gel containing a small amount of 
tantalum oxide. The reaction probably proceeded 
via crotonaldehyde: 


CH,CH:CH-CHO + C,H,OH —> 
CH,-CH:CH-CH,OH + CH,-CHO 


CH,-CH:CH-CH,OH —-> CH,:CH-CH:CH, ++ H,0 


The product contained, besides butadiene, a wide 
variety of oxygen compounds and hydrocarbons. 
Up to the year 1945, about 700,000 tons of butadiene 
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had been made in the U.S.A. by this route, as part of 
the synthetic rubber programme. 

Ethanol can be converted to butadiene in one stage 
by the Lebedev process, which involves vapour phase 
reaction over a dehydrogenation/dehydration catalyst. 
Yields of about 70 per cent per pass are claimed using 
an activated magnesium oxide/silica gel catalyst. This 
process is believed to be used in certain Iron Curtain 
countries. 

In Germany butadiene was produced on a large 
scale during the war years from acetaldehyde (pro- 
duced in fact from acetylene), via aldol, by the 
following steps: 


2CH,-CHO —-> CH,-CHOHCH,CHO - 


hydrogenation 


high pressure 


aldol . 
CH,CHOH-CH,-CH,OH dehydration 


vapour phase 





1,3-butylene glycol 
CH,:CH-CH:CH, + H,0 


This process has not been operated since the war. 

The production of butadiene from ethanol is not 
economic as compared with production by the de- 
hydrogenation of butane or butene. The ethanol 
route was adopted in the U.S.A. because under war- 
time conditions the construction of the ethanol con- 
version plants was simpler and hence could be brought 
into operation more quickly. In the post-war years 
the plants have gradually fallen into disuse, and 
to-day no butadiene is produced from ethanol in the 
U.S.A. Ethanol-based processes to butadiene are 
likely to survive only where no C,’s are available from 
refining operations, or where an excess of fermentation 
alcohol exists. 

(5) Acetone. Acetone used to be produced in- 
‘dustrially from ethanol by a vapour phase reaction 
with steam at 450°-500° over iron oxide catalysts 
promoted by calcium or barium oxide: 


2C,H,OH + H,O —> CH,COCH, + CO, + 4H, 


This process is no longer used in the U.S.A., U.K., or 
Western Europe. 

Acetone production in Germany was based, at least 
until the last few years, on acetic acid. Passage of 
acetic acid vapour over a cerium oxide catalyst at 
about 400° gives high conversions and yields to 
acetone: 


2CH,-CO-OH —> CH,-COCH, + CO, + H,O 


The acetone is condensed, and purified by alkali treat- 
ment and distillation. This process is reported to 
have been in use in the U.S.A. in one plant until 
recently. 

Such processes for acetone production, involving 
the loss of one carbon atom from two ethylene (or 
acetylene) molecules, can scarcely be attractive 
economically to-day in any country where propylene 
is available as a feedstock. 





Oxidation of Ethylene to Acetaldehyde 


An interesting process for the production of acet- 
aldehyde from ethylene and oxygen (or air) without 
the intermediate formation of ethanol has been 
developed in. Germany (Consortium fiir Elektro. 
chemische Industrie). Two commercial plants to 
operate the process are being erected there. The 
process is based on the discovery, first made apparently 
in 1894, that aqueous palladium chloride solution wil] 
oxidize ethylene to acetaldehyde by a stoichiometric 
reaction : 


C,H, + PdCl, + H,O —> CH,CHO + Pd + 2HCI 


The reaction takes place probably via a complex of 
palladium chloride and ethylene, which decomposes 
very rapidly in the presence of water to give acet- 
aldehyde, finely divided palladium metal, and hydro. 
chloric acid. 

The palladium metal formed can be re-dissolved in 
the acid by oxidation with gaseous oxygen. This 
reaction is slow, but it was found to be accelerated 
considerably by the presence of salts of a metal of 
variable valency such as copper or iron, when the 
following reactions occurred : 


2CuCl, + Pd —““> 2CuCl + PdCl, 
2CuCl + 2HCl + 40, —> 2CuCl, + H,O 
Thus the overall reaction: 
C,H, + 40, —> CH,CHO 


becomes a catalytic process by the simultaneous 
operation of the three reactions given. 

For the oxidation of the ethylene, temperatures not 
substantially higher than 100° seem to be adequate, 
and yields of 80-90 per cent are obtained. The 
oxidation of the palladium may require somewhat 
higher temperatures. 

The process can be carried out in the liquid phase, 
or in the gas phase over a catalyst solution absorbed 
on a carrier. Three possible schemes for operating 
the process on a technical scale have been outlined, 
but which variant will be used on the commercial 
plant has not been stated. The three variants 
proposed are: 


1. Oxidation over a contact catalyst. 

2. Oxidation in a liquid system, with the olefin 
oxidation and the metal oxidation combined in 
one stage. 

3. Oxidation in a liquid system, with the olefin 
oxidation and the metal oxidation in separate 
stages. 


The third alternative would appear to be the most 
probable, since the fast olefin oxidation could then 
be carried to completion in the first reactor (using 
possibly dilute ethylene), while the slower oxidation 
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of the palladium could be carried out with air or oxygen 
in a larger reactor. 

The stages are shown as carried out in towers, 
which must be made of highly corrosion-resistant 
material if the copper—palladium chloride system is 
used; lining with rubber, ceramics, or resins has been 
suggested. 

Recovery of the acetaldehyde is by conventional 
means, e.g. scrubbing the off-gases with water, and 
stripping the aqueous solution. 

The general reaction is applicable to the oxidation 
of higher olefins; in particular, propylene can be 
converted to acetone and -butenes to methylethyl 
ketone. 


Halogen Compounds from Ethylene 

Ethy! chloride and ethylene dichioride are made on 
a very large scale from ethylene; the combined 
production of these two derivatives amounts to well 
over half a million tons per annum in the U.S.A. 

Ethy! chloride is made by the addition of hydrogen 
chloride to ethylene in the presence of a catalyst such 
as aluminium chloride. The reaction is usually 
carried out in the liquid phase in solution in preformed 
ethyl chloride or in a mixture of ethyl chloride with 
ethylene dichloride. The reaction temperature is 
35°-40°, and the pressure about 5-10 atmospheres. 
The product is neutralized and fractionated. The 
reaction can also be carried out in the vapour phase. 

The production of ethyl chloride from ethanol and 
hydrogen chloride, using zinc chloride as catalyst, is 
no longer attractive now that the direct route from 
ethylene is available. 

Ethy! chloride is used mainly for the manufacture 
of tetraethyl lead (by reaction with sodium/lead alloy) 
and of ethylcellulose. 

Ethylene dichloride is made by the addition of 
elemental chlorine to ethylene. The gases are fed 
into preformed dichloride at 20°-25°, and to minimize 
substitution chlorination a trace of ferric chloride may 
be used as catalyst. The product is taken off con- 
tinuously, neutralized, and distilled. 

1,1,2-Trichloroethane, a by-product of this chlorina- 
tion, can be converted by treatment with alkali into 
the important monomer, vinylidene chloride: 

CH,Cl-CHCI, ae CH,—CCl, + HCl 
vinylidene chloride 

Ethylene dichloride is also obtained in significant 
quantities as a by-product of the ethylene chloro- 
hydrin process, but this source will tend to vanish as 
more and more ethylene oxide manufacturers go over 
to the direct oxidation processes. 

Ethylene dichloride can also be made from ethylene, 
hydrogen chloride, and oxygen by reaction in the gas 
phase over a copper chloride catalyst at temperatures 
of about 400°. This process, a combined Deacon 
oxidation and chlorine addition, is believed to be 
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operated in the U.S.A., and forms a means of utiliza- 
tion of by-product hydrogen chloride. 

One of the largest uses of ethylene dichloride is as 
a scavenging agent in ethyl anti-knock fluids; it is 
also used extensively as a solvent and a fumigant. 

Ethylene dichloride is consumed on a considerable 
scale as an intermediate in one route to vinyl chloride, 
which it yields on thermal cracking: 

CH,Cl-CH,Cl i CH,:CHCl + HCl 
vinyl chloride 

The reaction can be carried out at about 500°, and 
the splitting out of hydrogen chloride is accelerated 
considerably by the presence of traces of chlorine. In 
order to minimize by-product formation, the reaction 
conditions are adjusted to give only a partial con- 
version per pass. The reaction can be carried out at 
much lower temperatures over solid catalysts, such 
as pumice and activated carbon containing metal 
chlorides. The product vinyl chloride (bp —14°) is 
purified by a series of distillations which in order to 
avoid refrigeration can be carried out under pressure. 
The process is used commercially both in the U.S.A. 
and the Netherlands. The hydrogen chloride split off 
can be used for the production of further vinyl 
chloride, by combination with acetylene. 

Ethylene dibromide, produced by reaction of 
ethylene and bromine in the liquid phase, is used like 
the dichloride as a scavenging agent in ethyl anti- 
knock fluids, and as a fumigant. 


Higher Primary Alcohols from Ethylene 

A method for the manufacture of higher primary 
alcohols from ethylene, based on Ziegler chemistry, 
has been developed in the U.S.A. (Continental Oil Co.) 
and will go into large-scale production there shortly. 
In this process ethylene is reacted with aluminium 
triethyl (itself prepared from aluminium, ethylene, 
and hydrogen), when chain building takes place to 
give higher straight-chain alkyls of aluminium. These 
are then autoxidized with air, to give the aluminium 
alkoxides, which are hydrolysed with water to the 
higher normal primary alcohols and hydrated alumina: 


Al + 14H, + 3C,H, —> Al(C,H;)3 
Al(C,H5)3 + 3(n — 1)C,Hy —> Al(C2,Han ,1)s 
Al(C2,H4n ..1)3 -—- 130, —> Al(OC2,,H4, 41)3 


Al(OC2,Han ..1)3 + 3H,O > 
Al(OH), + 3CH,(CHs)»,_ >CH,OH 


Overall: Al + 3nC,H, + 14H, + 140, + 3H,O0 —> 
Al(OH,) + 3CH,(CHe)2,_ 2>CH,OH 


The average value of n can be adjusted as required, 
but the product always contains a range of carbon 
numbers, all’even since they are built up from ethylene. 
The U.S. plant will give mainly alcohols in the range 
C,-C,,, i.e. for use in the plasticizer and detergent 





fields. The by-product alumina is of high purity, and 
will reportedly find outlets in catalyst production. 


PROPYLENE 


Hydration of Propylene to isoPropyl Alcohol (iso- 
Propanol) 


The hydration of propylene gives isopropanol, a very 
important chemical intermediate and solvent made 
industrially on a vast scale. This alcohol was, in 
fact, the first “‘ petroleum chemical” in the strict 
sense. A commercial unit, based on propylene from 
a petroleum source, was in operation in the U.S.A. at 
the end of the first world war. 

Like ethylene, propylene is hydrated commercially 
by two routes, one based on absorption in sulphuric 
acid, the other based on a mixed phase reaction of 
propylene and water over a solid catalyst. The 
majority of the world’s isopropanol is still made by 
the former process. 

Sulphuric Acid Process. In the sulphuric acid 
process somewhat less concentrated acid can be used 
than is the case in ethylene hydration; as a result, 
the heat requirements are somewhat less, but the 
process still suffers from the same corrosion problems. 
The propylene (50 per cent or higher concentration) is 
absorbed in the sulphuric acid (75-85 per cent con- 
centration) under a pressure of several atmospheres 
and at a temperature of below 50°; the absorption of 
olefin is almost complete. The use in this stage of 
too strong an acid, too high a temperature, or too 
long a residence time leads to an undesirable increase 
in polymer formation. 

The propylene extract is diluted with water to an 
acid strength of about 35 per cent and the isopropanol 
distilled out. The alcohol vapours are scrubbed with 
alkali to remove sulphur dioxide, and the crude 
alcohol condensed. This is purified by topping to 
remove small amounts of isopropyl ether (which can 
be recycled to the absorption stage), followed by 
distillation to give the water azeotrope (91 per cent 
v/v tsopropanol). The anhydrous alcohol is then 
produced by distillation with an entrainer, e.g. benzene 
or isopropyl ether. The yield of isopropanol is about 
90 per cent on propylene. The weak sulphuric acid 
is reconcentrated and recycled after removal of 
carbonized impurities. 

Catalytic Process. The mixed phase hydration 
process is carried out over solid acidic catalysts con- 
taining tungstic oxide in conjunction with the oxides 
of other metals such as zinc. This type of process 
was investigated in Germany during the war. More 
recently, it has been developed in the U.K. by ICI 
who have operated a production plant on a consider- 
able scale (about 45,000 tons/year) since 1951. The 
process is also operated in Italy. 

The propylene and water are preheated and passed 
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over the pelleted catalyst at a reaction temperature 
of 250°-300° under a pressure of about 250 atm. A 
molar ratio of water to propylene of about 2-5 : 1 is 
used, and a space velocity of 0-8-1 kg of propyl- 
ene/hour/litre of catalyst volume. Under these con- 
ditions both liquid and vapour phases are present in 
the reactor. The conversion of propylene per pass 
is small, and unreacted propylene is recycled. 

Propylene forms polymers quite readily, and these 
unsaturated hydrocarbons are highly undesirable in 
the product isopropanol. Polymer formation is in- 
creased by a low water: propylene ratio, by high 
temperatures, and particularly by high pressures. 
Very low conversions of propylene to isopropanol 
occur at pressures below 100 atm and at temperatures 
below about 250°, so that the usual compromise has 
to be effected in order to obtain satisfactory rates of 
reaction, yields, and purity of product. 


isoPropanol as a Chemical Intermediate 


Acetone. The major proportion of isopropanol 
made is converted to acetone by dehydrogenation 
over supported copper- or zinc-based catalysts at 
300°-400°, analogous to acetaldehyde production from 
ethanol: 


CH,CHOHCH, —> CH,COCH, + H, 


High conversions per pass are obtained. The acetone 
is recovered by condensation, and by scrubbing the 
by-product hydrogen with water, followed by frac- 
tional distillations. The hydrogen is very pure, apart 
from small amounts of methane and carbon monoxide. 

Acetone is used in large amounts as a solvent (e.g. 
in cellulose acetate spinning), but well over half of 
the production is used as an intermediate for the 
production of other organic chemicals. 

Acetone and Hydrogen Peroxide. The Shell group 
in the U.S.A. have developed a process for the produc- 
tion of acetone and hydrogen peroxide by the oxida- 
tion of isopropanol with molecular oxygen: 


CH,-CHOH-CH, + 0, —> CH,COCH, + H,0, 


The reaction possibly proceeds via an intermediate 
hydroxy-hydroperoxide. 

It is believed that this process is now in commercial 
operation. No details have been given of the technical 
process, but published patents indicate that the 
oxidation is carried out with oxygen in the liquid 
phase, at temperatures of 90°-140°, and under only 
moderate pressures. The product, containing un- 
changed isopropanol as well as acetone and hydrogen 
peroxide, is diluted with some water and fractionated 
to separate organics from aqueous hydrogen peroxide. 

The acetone produced could be hydrogenated back 
to isopropanol and recycled, when the overall process 
would be simply: 


H, + O, —> H,0, 
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phuric acid to give methacrylamide sulphate, which is 
net isolated but reacted with methanol to produce 
methyl methacrylate and acid ammonium sulphate: 


CH CH OH , 
Sco, 4. HCN slkall -. dhe ao 
CH, “catalyst CH, CN 
eyanhydrin 
CH, 


| CH; ol 
CH,=C—CONH,;H,S0, — 
methacrylamide aidan 


CH, 
CH 2 ym + NH,HSO, 


methyl methacrylate 


All the steps are carried out continuously. To mini- 
mize polymerization, inhibitors are added at various 
points in the process. The product from the esterifi- 
cation is pumped to a stripping column, where ester, 
methanol, and some water are taken off overhead; 
the residue, containing sulphuric acid, ammonium 
bisulphate, and water, is used for ammonium sulphate 
manufacture. The mixture of methyl methacrylate, 
methanol, and water is separated into its components 
by distillation and extractive distillation with water. 
The overall yield from acetone is reported to be 
about 80 per cent. 

Another important outlet for acetone at the present 
time is in the manufacture of diphenylolpropane 
(Bisphenol A), an intermediate in epoxy-resin manu- 
facture. These resins have particular value in the 
surface coating field. The condensation of two mol 
of phenol with one of acetone, in the presence of strong 
mineral acids (particularly HCl and H,SQ,), and in a 
solvent, x diphenylolpropane and water: 





on 
2HO? S + CHyCOCH, 
a » “ 
HO » oC C _ OH + 1,0 
CH, 


The diphenylolpropane is a solid, and is purified by 
washing and crystallization. 

Diphenylolpropane is also an intermediate in the 
manufacture of polycarbonate resins; in this case the 
bis-phenol is reacted with phosgene. These resins 
are being developed in both Germany and the U.S.A. 


OXO Process (Hydroformylation) 


The OXO process is the reaction of olefins with 
carbon monoxide and hydrogen to produce aldehydes: 


a RCHyCHyCHO 


\ 
R-CH—CH, 


R-CH:CH, + CO + H, 


CHO 
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The reaction takes place only in the presence of 
metallic carbonyls (particularly of cobalt) as catalysts. 
The OXO reaction was discovered in Germany in 
1938, and industrialized there during the war years. 
Since the end of the war a number of commercial 
plants have been erected in the U.S.A. and the U.K. 
In the industrial processes the aldehydes initially 
formed are usually hydrogenated to the corresponding 
primary alcohols, which are not only more stable but 
also of much greater importance as intermediates. 
The OXO reaction is applied industrially to propyl- 
ene, and to several olefins derived from propylene, 
namely, propylene trimer and tetramer, and propyl- 
ene—butene codimer. Propylene gives n- and iso- 


butanols: 
CH,-CH=CH, + CO + H, —> CH,-CH,-CH,-CHO 
| —> CH,-CH,-CH,-CH,OH 
n-butanol 
CH, CH 
ScH-cHo —_ Scu-CH,OH 
isobutanol 


Propylene trimer (C,) and tetramer (C,,), and the 
codimer (C,), which are mixtures of isomeric olefins, 
give mixed primary alcohols, known as “ isodecanol,” 
“ tridecanol,” and “ iso-octanol”’ respectively. 

The butanols (particularly the n-butanol) and the 
C, and C,, alcohols are consumed in large quantities 
in the manufacture of esters; the phthalates are 
widely used as plasticizers, and butyl acetate is an 
important solvent. The C, and C,, alcohols compete 
with 2-ethylhexanol (from ethanol) in this respect. 

The OXO process is operated on a very large scale 
(capacity about 60,000 tons/year) by ICI in the U.K. 

The process is carried out by reacting “ synthesis 
gas ”’ (ratio of H, : CO rather more than | : 1) with the 
olefin, probably in tower reactors, in one or more 
stages; the synthesis gas is used in considerable 
excess and recycled. When the olefin is propylene a 
solvent is necessary to maintain a liquid phase. 
Solvents used are hydrocarbons or alcohols, but even 
water has been suggested; it seems probable that the 
product aldehydes would be used as solvent in com- 
mercial practice. When the olefin is of larger mole- 
cular size, e.g. heptane, no solvent is necessary. 

The active catalyst is formed in situ by the reaction 
of carbon monoxide under high pressure with cobalt 
supplied either as a finely divided oxide on a support 
(e.g. Fischer-Tropsch catalyst) or as an oil-soluble 
salt (e.g. the naphthenate) ; the latter is probably more 
usual in industrial plants. 

The lower olefins are more reactive than the higher 
olefins. With propylene, a reaction temperature of 
140°-160° is satisfactory, but with higher olefins 
160°-180° is necessary. Too high temperatures lead 
to reduced reaction efficiency. The total pressure is 


. 


100-250 atm, a high partial pressure of carbon 


monoxide being necessary to maintain the required 
cobalt carbonyl concentrations. The reaction jg 
highly exothermic (about 28 kcal/mol), and cooling 
is provided either by a recycle through external heat 
exchangers or by placing cooling surfaces in the 
reactors. High conversions of olefin are obtained. 

Some hydrogenation of aldehyde and of olefin 
occurs during the reaction, and this is more pro. 
nounced the higher the temperatures employed. 
Hydrogenation to alcohols is, of course, not dis. 
advantageous where alcohols are the ultimate product. 

After the reaction stage the bulk of the cobalt is 
removed from the product The carbonyls are con- 
verted back to metal either by hydrogenation or by 
reducing the carbon monoxide pressure considerably ; 
in both cases the cobalt metal is recovered and recycled 
as such or as a salt. 

The initial aldehyde formed is then hydrogenated, 
either using residual cobalt as catalyst or more 
commonly using conventional hydrogenation catalysts 
such as nickel, copper chromite, or molybdenum 
sulphide. This hydrogenation is carried out under 
high pressure (about 200 atm) and at a temperature 
of 150°-200°. 

There is considerable literature on the OXO pro- 
cess, but full details of the technical processes in 
use to-day have not, of course, been disclosed. There 
appear to be two main procedures, involving the use 
of either catalyst slurries or fixed-bed catalysts. 

In the slurry process the cobalt is introduced into 
the reactor in the feed olefin or solvent as a suspension 
of finely divided oxide or metal on a support. Ina 
German plant operating this process the oxonation 
product was passed with more hydrogen to the hydro- 
genation reactor, where the carbonyls were converted 
back to metal which redeposited on the carrier and 
catalysed the hydrogenation of the aldehyde. The 
suspended cobalt and carrier was filtered off, and 
recycled to the reactor. The recycle gas from the 
hydrogenator was passed through a methanizer (with 
an iron-based Fischer-Tropsch catalyst) to prevent 
build-up of carbon monoxide which would interfere 
with the hydrogenation. 

In the fixed-bed process the reactor contains 
elemental cobalt on a support (e.g. pumice), and cobalt 
is introduced as a soluble salt in amount sufficient to 
replace cobalt lost as soluble carbonyls in the product. 
The olefin (heptene) and cobalt naphthenate are 
passed with synthesis gas through the reaction tower 
containing metallic cobalt. The reaction conditions 
are a temperature of 175° C, a pressure of 200 atm 
and a H, : COratio of 1-1 : 1; the feed contains 2-5 per 
cent w/w of cobalt naphthenate, and the conversion 
achieved in a nominal residence time of 2-5 hours is 
about 80 per cent. There is a considerable recycle 
of reactants through external heat exchangers. The 
reaction conditions are such that a supply of cobalt 
metal is maintained in the reactor at all times, the 
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amount of cobalt carried off as carbonyl being made 
up by the cobalt in the feed. 

The reactor product is then substantially freed of 
cobalt by reducing the pressure to 7 atm at a tempera- 
ture of 155°; the soluble cobalt is thereby reduced 
from 0-081 to 0-001 per cent. This stage can be 
carried out in the presence of a support (e.g. pumice), 
on which the liberated cobalt deposits. The liberated 
cobalt is filtered off from aldehyde. 

The crude aldehyde is then passed to the hydro- 
genation stage, where either nickel, copper chromite, 
or tungsten sulphide is used as catalyst, the reaction 
conditions being a temperature of 200°C and a 
pressure of 200 atm. The overall yield of iso- 
octanols is 75 per cent w/w on the heptene, and of 
higher boilers 27 per cent w/w. 


Cumene, Phenol, and Acetone 


The alkylation of benzene with propylene yields 
isopropylbenzene (cumene). This alkylation can be 
carried out in the liquid phase using standard Friedel- 
Crafts catalysts such as aluminium chloride, or in the 
vapour phase over phosphoric acid or phosphate 
catalysts; both methods are used industrially. 
Cumene was manufactured in considerable quantities 
in the U.S.A. during the last war, for use in aviation 
fuel. Large amounts are produced at the present 
time as an intermediate in the cumene phenol process. 

The oxidation of cumene under defined conditions 
with molecular oxygen (which can be supplied as air) 
gives a hydroperoxide, which can be decomposed with 
acids (e.g. sulphuric) to give phenol and acetone: 


CH 
i oo 
CoH, + CsHz—> || |X 7 
Pe ‘CH; 
cumene 
CH 
_ AAs ; CH 
“\Coon «a “NoH f° 
| | Me ——> || | + CO 
\4 ~CHs \4 ‘CH, 
cumene hydroperoxide phenol acetone 


Thus the original benzene moiety gives phenol, and 
the propylene moiety gives acetone. 

The fundamental reactions were discovered by 
German chemists during the latter war years, but the 
process was developed for commercial use for the 
production of phenol by British and American chemists 
(Distillers Co. and Hercules Powder Co.) in the 
immediate post-war years. The process offers an 
attractive alternative to the established phenol pro- 
cesses, which involve the handling of large amounts 
of corrosive inorganic materials. The raw materials 
for the cumene process are readily available, and the 
stages can all be operated on a continuous basis. It 
is estimated that by the end of 1960 at least 200,000 
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tons/year of phenol will be made by the cumene 
route. 

The oxidation is carried out in stirred reactors, or 
in towers with air or oxygen, in several stages in order 
to obtain the maximum efficiency to hydroperoxide. 
The oxidation temperature is 110°-120°, and moderate 
pressures are used when air is the oxidizing agent. 
A weakly alkaline agent is fed to the oxidation, to 
stabilize the hydroperoxide. The total conversion 
per pass to hydroperoxide is 25-30 per cent, and only 
minor amounts of by-products are formed. These 
by-products are mainly phenyldimethylearbinol and 
acetophenone: 


( \—o-0H ( \cocH, 
F ie \4 
carbinol acetophenone 


The solution of hydroperoxide in cumene is con- 
centrated by evaporation under reduced pressure, to 
about 75 per cent hydroperoxide. This concentrated 
hydroperoxide, though inherently unstable, can be 
stored in perfect safety under defined conditions for 
the short period required on a production plant. 

The decomposition (‘‘ cleavage”’) to give phenol 
and acetone is carried out in the presence of small 
amounts of sulphuric acid, which may be added in 
dilute or concentrated form. The reaction is very 
fast, and goes virtually to completion. There is 
considerable heat of reaction, which can be removed 
by circulation of the product through heat exchangers 
or by refluxing the acetone formed. 

The reaction product, after neutralization of the 
acid catalyst, is worked up by passage through a 
series of continuous stills to give pure acetone and 
phenol. Unchanged cumene is recycled. «-Methyl- 
styrene formed by dehydration of the carbinol can, 
if desired, be hydrogenated to cumene and recycled; 
acetophenone is recovered as such. The yields of 
phenol and acetone are both 90 per cent or better on 
cumene. 


Di-isopropylbenzene, Terephthalic Acid 


If the alkylation of benzene is carried out with 2 
mol of propylene instead of with one or less, di-iso- 
propylbenzenes are formed. Under certain conditions 
only the m- and p-derivatives are produced. The 
meta-isomer has bp 203°, the para-isomer has bp 210°, 
and so, unlike the corresponding dimethyl- and 
diethyl-benzenes, they are separable by an efficient 
distillation. If only one isomer is wanted, the other 
may be recycled to the alkylation, when it is partially 
isomerized to the desired isomer. 

The meta- or para-di-isopropylbenzenes can be 
oxidized by dilute nitric acid or by molecular oxygen 
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in the presence of metal salt catalysts to iso- and 
terephthalic acids respectively. 


™\ f CO,H 
C iN 
l | » eae | Mo 
4 bs i  \CO,H 
m-di-isopropylbenzene isophthalic acid 
\/ CO,H 
pa 
"Ye \ 
SS Pe ee oe 
| 
/~» CO,H 


p-di-isopropylbenzene terephthalic acid 


Judging from the patent literature and other pub- 
lications, a good deal of investigation of such processes 
has been carried out. 
di-isopropylbenzenes with air in acetic acid solution, 
with cobalt/manganese salts as catalysts) has been 
operated successfully on a pilot-plant scale, but has 
not been adopted for commercial production. 


Propylene to Allyl Chloride, Allyl Alcohol, Glycerol 


The chlorination of propylene at high temperatures 
in the gas phase gives allyl chloride as the main 
product. The hydrolysis of allyl chloride gives allyl 
alcohol, which is converted by aqueous hypochlorous 
acid to glycerol «-monochlorohydrin; this can be 
hydrolysed to glycerol: 


CH,=CH—CH, + Cl, —> CH,—=CH-—CH,Cl + HCl 
allyl chloride 
CH,=CH—CH,Cl + H,O —> 
CH,=CH—CH,OH + HC! 
allyl alcohol 
CH,=CH—CH,OH + H,0 + Cl, —> 
CH,CI—-CHOH—CH,OH + HCl 
glycerol a-monochlorhydrin 
CH,CI—CHOH—CH,0OH + H,O0 —> 
CH,OH—CHOH—CH,OH 


glycerol 


+ HCl 


The chlorination of propylene, and the subsequent 
stages, were developed in the U.S.A. by Shell. These 
reactions are carried out on a large scale in the pro- 
duction of synthetic glycerol in plants in the U.S.A. 
and the Netherlands. Synthetic glycerol accounts 
for almost half the production in the U.S.A. 

The chlorination stage is carried out at about 500° C 
in steel tubes. An excess (e.g. 5:1) of propylene is 
used to avoid the formation of soot and disubstitution 
products. The contact time is not critical. The 


allyl chloride, formed in yields of about 80 per cent, 
is recovered by scrubbing out the hydrogen chloride 





One such process (oxidation of 


with water, followed by liquefaction of the propylene- 
allyl chloride mixture by compression and cooling, 
and then fractionation. Alternatively, the whole 
product may be liquefied, and hydrogen chloride and 
propylene distilled off. Unreacted propylene is re- 
cycled. The allyl chloride is fractionated to separate 
it from highers; these, consisting of a mixture of 
dichloropropanes and dichloropropenes, are sold as 
a soil fumigant, being particularly toxic towards 
nematodes. 

The hydrolysis of allyl chloride to allyl alcohol is 
reported to be carried out industrially with aqueous 
alkali (sodium hydroxide or carbonate), at a tempera- 
ture of 150° and a pressure of 10-11 atm. The 
hydrolysis mixture is distilled to give the allyl 
alcohol—water azeotrope, which can be dehydrated if 
required with the aid of an entrainer (e.g. dially! ether, 
a by-product of the process). The yield is 85-90 per 
cent. 

The chlorohydrination of allyl alcohol is carried out 
in dilute aqueous solution. The process is operated 
continuously, using a 4-5 per cent solution and a 
temperature of 15°; this gives almost 95 per cent 
yield of the monochlorohydrin. 

The hydrolysis of the chlorohydrin to glycerol 
takes place in dilute aqueous alkali (carbonate or 
hydroxide). The glycerin is recovered by concentra- 
tion, followed by filtration of sodium chloride and 
distillation. 

The chlorohydrination of the intermediate allyl 
chloride with aqueous hypochlorous acid gives glycerol 
dichlorhydrin, which by reaction with aqueous alkali 
(lime) gives the epoxide, epichlorhydrin: 
CH,—CH—CH,CI + HOC] —> CH,Cl-CHOH-CH,Cl 

allyl chloride glycerol dichlorhydrin 


| alkali 
CH,CI-CH—CH, 


\ 7 


O 
epichlorhydrin 
This, together with diphenylolpropane (mentioned 
earlier), and the building blocks of the important 
‘* epoxy-resins.”” 


Propylene to Acrolein, Acrylonitrile, Glycerol 

Acrolein, if it could be produced cheaply enough, 
would be a most useful intermediate, e.g. for the 
manufacture of glycerol and acrylonitrile. 

A number of processes for the oxidation of propylene 
to acrolein have been described in the patent literature. 
These processes involve the gas phase reaction of 
propylene with air or oxygen over special catalysts. 


CH,=CH—CH, —"?> CH,=CH—CHO 


Catalyst systems known for several years are cuprous 
oxide (Shell) and copper oxide plus selenium (Dis- 
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tillers). It is believed that acrolein is already manu- 
factured in the U.S.A. using the Shell catalyst, but 
on what scale is not clear. The use of selenium, 
though leading to a very selective oxidation, has the 
obvious disadvantage that a selenium recovery system 
has to be incorporated. 

Quite recently, Standard Oil (Ohio) have come out 
with a new catalyst system, bismuth phosphomolyb- 
date, which is claimed to give very good yields and 
conversions to acrolein. For example, at 430° C and 
a contact time of 3 sec, using bismuth phosphomolyb- 
date supported on silica, a yield of 70 per cent at a 
conversion of about 45 per cent is said to be obtained. 

It is stated that the operation is best carried out in 
a fluidized bed. In common with other gas phase 
oxidations (e.g. naphthalene to phthalic anhydride) 
heat removal can be a serious problem, and requires 
the use either of quite narrow tubes (with a fixed-bed 
system) or of a fluidized bed. 

" Recovery of acrolein from the somewhat dilute gas 
streams from these processes can be carried out by 
scrubbing with water, followed by distillation. 

The conversion of acrolein to acrylonitrile by 
reaction with ammonia and oxygen was described 
several years ago in a Distillers patent. This process, 
operated in the vapour phase over a variety of metal 
oxide catalysts, can give high yields of acrylonitrile. 
CH,—CH-CHO + NH, + 40, —> 
CH,—CH—CN -+ 2H,0 


acrylonitrile 


acrolein 


Given cheap acrolein, such a process could represent 
a commercially feasible and economically attractive 
method for the production of acrylonitrile. 

The conversion of acrolein to glycerol can be carried 
out by two routes, according to Shell publications. 
These are as follows: 

CH,=CH—CHO + CH,CHOHCH, —~—> 


exchange 


isopropyl! alcohol 
CH,—CH—CH,OH + CH,COCH, 


allyl alcohol acetone 


acrolein 


H,0, | metal oxide catalysts 
CH,CH—CH,OH 


OH OH 
glycerol 
alkaline H, 


CH,=CH—CHO + H,0, ——-> CH,—CH—CHO —> 


OH OH 
glyceraldehyde 


CH,—CH—CH,0H 
OH OH 
glycerol 


It has been reported that the former route is to 
be commercialized in the U.S.A., using hydrogen 
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peroxide produced by the oxidation of isopropanol, 
but no further details have been published. 

The conversion of propylene to acrylonitrile by 
reaction with ammonia and molecular oxygen over 
metal oxide catalysts: 


CH,=CH-CH, + NH, + 140, —> 
CH,=CH—CN + 3H,0 


acrylonitrile 


was mentioned in a U.S. patent quite a few years ago, 
but the yields obtained were very small. The 
Standard Oil Co. (Ohio) announced early in 1959 that 
they had developed such a process based on propylene 
to give good yields and conversions to acrylonitrile. 
From the published patents, their catalyst seems to 
be supported bismuth phosphomolybdate. This is 
in effect the same catalyst as used for the oxidation 
of propylene to acrolein, and it seems likely that 
acrolein is an intermediate in the acrylonitrile process. 

It has been announced that a large commercial 
plant is under construction in the U.S.A. to use this 
process. From the published information it seems 
probable that the reaction stage will be operated in a 
fluidized bed system, at a reaction temperature of 
400°-500° and a pressure of below 3 atm, in the 
presence of steam as diluent. Propane is said to be 
inert under the reaction conditions, and a refinery 
stream of propylene and propane can therefore be 
used as feedstock. Butenes and some higher hydro- 
carbons will react and must be removed from the feed 
material. The reaction product contains, besides 
acrylonitrile, some acetonitrile, hydrogen cyanide, 
and oxides of carbon. Recovery and purification of 
the acrylonitrile are stated to be comparatively simple, 
but no details have been given. 

This process, based on cheap raw material and 
requiring only one reaction stage, would appear to 
have definite economic advantages over the estab- 
lished routes to acrylonitrile from hydrogen cyanide 
and acetylene or ethylene oxide. 


Propylene Tetramer and Detergent Alkylate 


The tetramer of propylene is produced on a very 
considerable scale to-day, as an intermediate for 
detergent manufacture. The alkylation of benzene 
with this C,, olefin, using either hydrogen fluoride or 
aluminium trichloride as catalyst, gives dodecyl- 
benzene, the so-called ‘detergent alkylate.”’ The 
sodium salt of the mono-sulphonated dodecylbenzene 
is the basis of a considerable proportion of synthetic 
detergents at the present time. 
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The polymerization of the propylene is carried out 
using as catalyst phosphoric acid on a support such 
as kieselguhr or active carbon. The reaction is 
conducted in the liquid phase at temperatures of 
170°-220° and pressures of 14-22 atm. The product 
is distilled, and dimers and trimers also formed are 
recycled. 

The trimer and tetramer are used to a limited extent 
as feedstocks to the OXO process for the production 
of ‘‘ isodecanol ”’ and “ tridecanol ”’ respectively. 

The reaction of propylene and isobutene over a 
similar phosphoric acid catalyst gives, amongst other 
olefins, some 40-50 per cent of heptenes (‘‘ codimer ”’). 
These are used as feed to the OXO process for the 
manufacture of “‘ iso-octanol.”’ 


Propylene Oxide and Glycol 
Propylene oxide is made commercially from propyl- 
ene, via the chlorhydrin: 


alkali 


CH,CH+=CH, + HOCIl —> CH,CH—CH,Cl ———> 


OH CH,CH—CH, 
a Ps 


O 


The process is very similar to that employed for 
ethylene oxide, and indeed is frequently carried out 
nowadays in plant which has become redundant as a 
result of the adoption of the direct oxidation process 
for ethylene oxide. 

There is as yet no industrial process for the direct 
oxidation of propylene to the oxide, although the gas 
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phase oxidation over a silver catalyst has been claimed 
in patents, and the liquid phase oxidation to give 
oxide and glycol has been similarly described. 

The major part of the propylene oxide production 
is converted by hydrolysis into propylene-1,2-glycol. 
This glycol is less toxic than ethylene glycol, and 
consequently has wide uses as a humectant in food. 
stuffs; it is also a constituent of hydraulic fluids, and 
is used in the manufacture of polyester resins and 
polyurethanes. 

Propylene oxide is also converted into propanol. 
amines, by reaction with ammonia; these have 
applications similar to those of ethanolamines. 


CONCLUSIONS 


The brief survey given in this paper shows that the 
simple olefins ethylene and propylene have become 
very versatile raw materials in the hands of the skilled 
chemist and chemical engineer. It is still possible 
even to-day to discover new reactions and processes 
of technical importance starting with compounds 
containing two or three carbon atoms only—witness, 
for example, the oxidation of isopropanol to acetone 
and hydrogen peroxide (Shell), the oxidation of 
ethylene to acetaldehyde (Consortium), and the 
reaction of propylene with ammonia and air to give 
acrylonitrile (Standard Oil (Ohio)). More new pro- 
cesses, and further improvements in older processes, 
are certain to come to light as a result of the con- 
siderable research effort now being directed into this 
small corner of organic chemistry. 


DISCUSSION 


C. A. Curtis (Manchester College of Technology): Have 
any economic studies been published which compare the 
cumene process for the production of phenol with the 
conventional methods via benzene sulphonate or mono- 
chlorobenzene? 


A. F. Millidge: No authoritative economic comparison 
has been published. 


P. F. Miles (E. I. du Pont de Nemours & Co. Ltd): 
Has the author information on ethylene to vinyl acetate 
processes? 


A. F. Millidge: 


The reaction of acetaldehyde with 


acetic anhydride gives ethylidene diacetate, which can 
be cracked in the presence of a catalyst (an aromatic 
sulphonic acid) to give vinyl acetate and acetic acid 
This process is apparently 


(Chem. & Ind., 1955, 1751). 





used by several manufacturers, including Courtaulds in 
the U.K. 


J. W. Gray (Shell Chemical Co. Ltd): Is the direct 
route for production of acetone from propylene, using Pd 
catalyst, similar to the production of acetaldehyde 
directly from ethylene, in commercial use? Can the 
author give fuller details of the literature sources which 
describe these two processes? 


A. F. Millidge: The oxidation of propylene to acetone 
by the Consortium process is not yet used commercially. 
This new technique of oxidation is described by J. Smidt 
et al in Angew. Chemie, 1959, '71, 175-82, and in a number 
of patents (e.g. Belgian P. 568,978; 569,985; 569,986). 
No details have been given of the commercial plants now 
being erected in Germany for the production of acetalde- 
hyde from ethylene. 
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THE PRODUCTION AND UTILIZATION OF BUTADIENE 


By A. A. APPLETON * (Associate Fellow) 


For those seeking detailed information, the list of 
references which form a part of this paper should 
provide interesting and instructive reading. How- 
ever, the number of articles published in British 
journals relating to butadiene and SBR (styrene/ 
butadene rubber) is extremely small, and this outline 
of the processes involved should be useful for those 
with merely a general interest in the operation. 

In addition, a paper relating to Fawley butadiene 
production is planned for the Heavy Organic Chemicals 
Group of the Society of Chemical Industry in the last 
quarter of 1960. 

In discussing this subject it is very easy to forget a 
very important fact, that the massive scale of this 
operation is not yet quite 20 years old, and that the 
impetus for making butadiene such an important 
material industrially really came in the early part of 
the second world war. The major processes which 
have been utilized in this connexion have differed at 
differing times to suit the particular circumstances. 


HISTORICAL REVIEW! 


Butadiene does not occur in nature. It was first 
obtained in 1863 by the pyrolysis of fusel oil; probably 
the amy! alcohols were converted into isoamylenes or 
isopentenes, which have been shown to yield butadiene 
on cracking. 


CH,-CH(CH,)CH,-CH,OH —> 
CH,CH(CH,)CH=CH, —> CH,=CH-CH=CH, 


Three years later some butadiene was obtained by 
passing a mixture of acetylene and ethylene through a 
red-hot iron tube 


CH=CH + H,C=CH, —> CH,=CH-CH=CH, 


and in 1873 butadiene was isolated from compressed 
illuminating gas and in 1886 prepared by the pyro- 
lysis of ethylene, pentane, and hexane. In fact, 
butadiene is obtained to some degree by the pyrolysis 
of nearly all hydrocarbons. 


C,H,RR —> C,H, + RH + R'H 


Early in this century the increase in the use of 
motor vehicles, with consequent increase in the price 
of natural rubber, generated an international race for 
the discovery of some means of manufacturing syn- 
thetic rubber. Polymerization of the dienes was the 


reaction studied in imitation of the isoprene structure 
of natural rubber, and cheap sources of butadiene and 
isoprene were sought based on coal tar, fermentation 
products, and calcium carbide. 

The simple chemistry of the basic processes used 
to-day is in startling contrast to the involved and 
ingenious methods devised in the first 30 years of 
this century. But it is easy for us to be complacent 
to-day because of the significant supplies of petroleum- 
based hydrocarbons available to us. The European 
chemists, in particular, had to operate from much less 
promising sources, which renders their somewhat 
complex processes more comprehensible. 

For those who would wish to read an interesting 
summary of these processes, Chapter 5 of the monu- 
mental book on synthetic rubber edited by G. S. 
Whitby is worthy of note. 


COMMERCIAL PROCESSES 


A limited number of processes for butadiene manu- 
facture have actually been employed industrially. 


1. Aldol Process? 


The process utilized in Germany before and during 
the second world war was based upon acetylene. 


CH=CH —> CH,CHO —> CH,CHOHCH,CHO 
Y 
CH,CHOHCH,CH,OH 
Y 
CH,=CH-CH=CH, 


In summary, acetylene is hydrated in the presence 
of a mercury catalyst to acetaldehyde, which is treated 
with dilute potassium hydroxide to convert it to 
acetaldol. The acetaldol is hydrogenated to 1,3- 
butylene glycol and the glycol dehydrated to buta- 
diene. This process was operated on a scale approach- 
ing 100,000 tons/year. 

The process was operated in France from 1936 
onwards, and pilot-plant work on this process was 
carried out by three companies in the U.S.A. during 
the second world war. Work was also done in Japan. 


2. Dehydrochlorination of Dichlorobutane* + 


The orgin of this process was work carried out in 
the U.K. in the years immediately prior to the first 
world war with n-butyl alcohol as the starting 





* Esso Petroleum Co. Ltd. 
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material. The work was taken up again in 1938 in 
California, where Shell produced pilot-plant quantities 
of butadiene by the same general method, using 
butenes derived from petroleum cracking as the 
starting material. 


CH ,=CHCH,CH, —> CH,CICHCICH,CH,—, 
CH,=CHCH=CH, 
CH,CH=CHCH, —> CH,CHCICHCICH, —_* 


In summary, the process involved the vapour- 
phase chlorination of a C, hydrocarbon fraction con- 
taining approximately 30 per cent of butenes. The 
butane dichlorides were separated and pyrolized, and 
the butadiene resulting from the pyrolysis separated 
and then purified. Actually, this was the first process 
to produce commercial quantities of butadiene in the 
U.S.A. during the wartime emergency, and although 
the production never went beyond 22 tons/day, the 
fact that it was in operation in 1942 made it critical 
in the timing of the whole American synthetic rubber 
programme. Problems associated with recovery of 
chlorine from HCl and with the production of the 
larger quantities of chlorine required for the process 
prevented further development of this process, which 
was by-passed in favour of the two dominating 
processes. 


3. eycloHexane Pyrolysis! 

This process was fully worked out in the U.S.A. by 
1942, but in view of benzene shortage was never 
further developed. 


4. Butadiene from Acetylene by the Reppe Process* 

This process was operating in Germany by the end 
of the second world war, although insufficient 
experience had been obtained to determine whether 
or not it was to be preferred to the aldol route. 


CH=CH +2HCO —> HOCH,C=C-CH,OH —> 
HOCH,CH,CH,CH,OH 
Y 
CH,CH,CH,CH, 
O 
CH,=CHCH=CH, 





Formaldehyde and acetylene are reacted in the 
presence of copper acetylide to form 2-butyne-1,4- 
diol, which is hydrogenated to 1,4-butane diol in the 
presence of a catalyst which is subsequently de- 
hydrated to butadiene either directly or via tetra- 
hydrofuran. 


5. Alcohol Dehydration ® 

A process no longer employed, but which was 
extremely valuable in the history of butadiene develop- 
ment, is a process based upon alcohol. A great deal 
of the Russian work on the production of butadiene 


was based upon alcohol dehydration, and early in the 
second world war Carbide and Carbon developed a 
two-step process in which alcohol is dehydrogenated 
to acetaldehyde, and alcohol and acetaldehyde 
together are converted to butadiene. Stages I and II 
were carried out in separate converters, containing 
respectively a dehydrogenating and a dehydrating 
catalyst. Conditions of operation for each catalyst 
are different. 


CH,CH,OH —> CH,CHO + H, 
CH,CH,OH + CH,CHO —> 
CH,=CH-CH=CH, + 2H,0 


Design of units to operate this process was com- 
menced in 1942, and early in 1943 four units were 
operating, producing at the rate of over 85,000 tons/ 
year. By the end of the year nearly 130,000 tons of 
butadiene (77 per cent of all butadiene available for 
synthetic rubber in that year) were produced from 
alcohol. In 1944 production was 362,000 tons or 
64 per cent of all butadiene; from then on the figure 
declined, until at the end of the war the alcohol-based 
plants were shut down and have not since operated 
apart from a short period in 1955-56. 


6. Butene Dehydrogenation Process *8 


This process is still the one used to the largest 
extent for the production of butadiene. During the 
1930s the Esso organization had been interested in 
the dehydrogenation of C, hydrocarbons, both as a 
potential source of butadiene and for use in the pro- 
duction of high octane motor fuels. The dehydro- 
genation of normal butane was studied in the labora- 
tory, and it was found that the first dehydrogenation 
step to normal butene proceeded quite readily and 
selectively at atmospheric pressure in the presence of 
conventional types of dehydrogenation catalyst. The 
next step to butadiene, or the one-step dehydrogena- 
tion of butane to butadiene, showed that the reaction 
could be carried out successfully only at low hydro- 
carbon partial pressures, so that for successful pro- 
duction the process would have to operate by running 
under partial vacuum or by employing a diluent inert 
in the presence of the catalyst. Accordingly, it 
appeared that there would be some advantage in using 
a two-stage process in going from butane to butadiene. 
The commercial development of the fluid catalytic 
cracking process meant that large quantities of cheap 
butylenes had become available, so that work was 
concentrated on the development of butadiene from 
butenes. Short-time high temperature cracking was 
first studied, but only about 40 per cent of the 
theoretical yield of butadiene could be obtained, and 
the emphasis was switched to the study of catalytic 
processes to improve the dehydrogenation process. 

In their paper on the original operation given to the 
American Institute of Chemical Engineers in 1946, 
Russell, Murphree, and Asbury ® pointed out that low 
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hydrocarbon partial pressures were necessary to 
minimize the tendency of butadiene to polymerize 
and ultimately to degrade to coke and hydrogen, as 
exemplified by the fact that selectivity changes in 
one catalyst system from 80 per cent at 95 mm 
pressure down to under 50 per cent at atmospheric 
pressure. The use of inert gas to reduce the partial 
pressure had similar effects. 

The effect of low pressures is shown in the table of 
equilibria between n-butane, butenes, and butadiene. 


TABLE I? 

Mol °%, Conversion of n-Butane to Butenes and Butadiene-1,3 
Pressure atm . ° 1-0 0-167 

Temperature,°C . 550 600 700 750 550 600 700 750 
Butadiene-1,3 . — 6-0 27-5 45-0 11-5 27:5 69-0 82-0 
1-Butene . — 22-5 26-0 22-5 23-5 23:0 13-0 7:5 
2-Butene, cis. - 16:0 16-0 13-0 18:0 165 75 40 
2-Butene, trans - — 24-0 23-0 18-0 27-0 25-0 11:0 60 


The temperature range was also a limitation, since 
thermodynamic calculations show that at pressures 
as low as 0-1 atm, conversions were limited to less than 
40 per cent at temperatures below 1100° F. How- 
ever, in order to avoid loss of selectivity due to 
cracking, temperatures above 1300° F had to be 
avoided. Accordingly, operating temperatures be- 
tween 1150° and 1250° F at residence time of about 
0-2 sec were necessary. By using steam as the 
diluent it was found possible to provide a medium 
which would both carry heat to the catalyst bed and 
simultaneously lower the butylene partial pressure. 
However, the then existing dehydrogenation catalysts 
were rapidly deactivated by steam, and it was 
necessary to develop an entirely new type of catalyst 
which would be stable and active in the presence of 
steam. The original catalyst developed for this pro- 
cess came to be known as catalyst 1707. 

The history of this process might be taken as a 
typical example of the type of industrial development 
which occurs in this industry. The process was 
originally developed by Esso using their catalyst known 
as type 1707; this consisted of 72-4 per cent mag- 
nesium oxide, 4-6 per cent cupric oxide, 18-4 per cent 
ferric oxide, and 4-6 per cent potassium oxide. Later 
development by Shell produced a catalyst known as 
105, containing ferric oxide, chromium oxide, and 
potassium oxide, which had a longer life at equivalent 
selectivities. This was succeeded by catalyst 205 of 
the same company. More recently a catalyst of 
greatly improved selectivity has been developed by 
the Dow Chemical Company and is a chromium oxide 
stabilized calcium nickel phosphate. This shows 
greater selectivity at higher conversions, but is some- 
what less rugged than the Shell catalyst and requires 
greater steam dilution ratio. 

With all catalysts, conversion of butenes to buta- 
diene increases with increasing temperature and 
decreasing feed rate, while increased conversion level 
decreases selectivity to butadiene. The Dow catalyst 
selectivity decreases less rapidly with increase in 
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conversion level than do the other two. A published 
comparison of the selectivities at 28 per cent con- 
version shows: 








TaBLeE II’ 
1707 | 105 | Type B 
Temperature,°F | 1165 | 1164 | ~ 1171 
Butene, v/v/hr. | 392 394 300 
Steam, v/v/hr. 3966 4011 6000 
Conversion, % 27-7 28-2 27°5 
Selectivity, °% . | 73 72 92 
Coke,% . - 4 0-2 — 0-2 
Product Gas | 
a | 26-7 29-6 23 
pd } 683 6-8 2 
2 
c... 2-6 2-8 1-3 
Cc. | 0-7 Feed 0-7 Feed 0-1 Feed 
Ch. | 2-2 (0-4) 2-3 1-7 (0-3) 
C.Hio | 16 (18) | 1-0 (18) | 18 (2-8) 
C;+ 10 (1:1) | 1:0 (1-1) | 1:4 (1-4) 
C,H, | 12-8 (0) 12-3 (0) 17-6 (0-6) 
C,H, | 46-1 (96-7) 43-5 (96-7) | 50-4 (95-4) 





Higher steam to butene ratios with 105 and 1707 
catalysts of the same order as that quoted for Dow 
type B would probably result in about 5 per cent 
higher selectivities. The Dow catalyst can be 
operated at over 45 per cent conversion, figures up 
to 55 per cent have been quoted, with selectivities of 
around 90 per cent. 

Which catalyst is chosen depends on individual 
situations, but with decreasing butylene availabilities 
the most selective one would probably be favoured 
in the long term. 

In so far as the process details* are concerned, they 
are basically similar whichever catalyst is employed. 
The feed to such processes normally consists of a C, 
cut from cat cracking or.steam cracking operations, 
and the feed preparation includes isobutylene removal 
by cold acid treatment. In some cases a more con- 
centrated butylene feed is prepared by extractive 
distillation with such agents as acetone or furfural, 
which would give an 80-85 per cent n-butylene con- 
centration. But it is frequently possible to omit this 
step and use a feed to the dehydro plant of lower con- 
centration. To this feed are added recycle butenes 
from the butadiene recovery sections of the plant, 
and the mixed feed is preheated to about 1100° F. 
The steam is added at the appropriate ratio, as high 
as 20: 1 in some cases. The mixture is fed to one of 
the two reactors which are normally on cyclic 
operation, one undergoing regeneration while the 
other is on reaction. The active mixture is quenched 
and passed through waste heat boilers; further 
cooling is accomplished by further quenching by 
water or oil in quench towers, and the de-superheated 
vapours are then cooled in condensers which remove 
condensed steam. Further cooling is applied to 
condense any remaining steam, and the cool hydro- 
carbon gases are compressed and fed to the recovery 
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system. The recovery system is normally of a con- 
ventional oil-absorption type. 


7. Butane Dehydrogenation Process ® 


There are two basic processes starting from butane. 
The first one, developed by Phillips Petroleum, was 
based upon dehydrogenation of butane to butylenes, 
which were then recovered and dehydrogenated by 
processes similar to those previously described. The 
feedstock is 98 per cent n-butane, which is dried 
through bauxite towers, then vaporized and super- 
heated in gas-fired super heaters to about 1100° F. 
It then passes through multi-tubular catalyst cases, 
which are operated cyclically on regeneration and 
reaction, and the reactor effluent is quenched by 
water at the reactor outlet, cooled through a waste 
heat boiler, and quenched again to approximately 
120° F before passing on to the butylene purification 
section. This is usually an extractive distillation 
with furfural, and the resulting concentrated butylene 
stream is dehydrogenated under similar conditions to 
those previously described. 

However, the most important process based upon 
normal butane is the Houdry one-step process. The 
catalyst is an activated alumina with 18-20 per cent 
of chromic oxide. Of the more recent butadiene 
plants, the Houdry process has been employed at four 
plants in the U.S.A. and one in Europe. Typically 
the process employs a three-stage operation—the on- 
stream period is short, between 7 and 15 minutes, 
during which period the required heat for reaction 
lowers the temperature of the catalyst bed by approxi- 
mately 50° F. A short vacuum purge period of up 
to 2 minutes follows to remove hydrocarbons, after 
which an approximate 10-minute regeneration step 
with hot air is carried out. Which process is chosen 
in a particular location depends upon individual 
economics. 

The Houdry process can be directed to produce 
either butadiene or a mixture of butadiene and 
butenes. When operated this way it is particularly 
valuable to add to an existing butene dehydrogenation 
unit, as has been done by Petrotex at Houston, Texas, 
thus maximizing capacity. 


8. Cracking Processes} 

Steam cracking is the cracking process usually 
employed for ethylene production, in which the hydro- 
carbon partial pressure is reduced by admixture with 
steam in order to maximize yields of desired products. 

The effect of reduced pressure is shown in the com- 
parison between the C, and lighter products obtained 
by the fluid catalytic cracking of a gas oil and those 
obtained by steam cracking a similar feedstock. 

A significant proportion of the world’s butadiene is 
produced by the cracking of hydrocarbons. This 


method is unlikely to be economic of itself in the 
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TaBLeE III 
Typical Composition of Cracked Gases (Vol °;,) 








Fluid catalytic | 


Low pressure 








cracking _| (steam diluent) 
Temperature,°C . .| 425-540 | 700-750 
Hydrogen : : «| ll 14-4 
Methane . ‘ : a 20 29-1 
Ethylene ; ‘ ; 5 29-7 
Ethane . , . ; 5 5-4 
Propylene , : ‘ 20 12-6 
Propane . ‘ : : 12 1-0 
Butadiene , ‘ Nil 3-0 
Butenes . : ; ‘ 12 4-6 
n-Butane ; ; ‘ 14 0-2 





| 


absence of sales of other olefins in view of the low 
yield of butadiene, but it was used for the production 
of butadiene in the U.S.A. during the war, when pro- 
duction was required at all costs. 

To-day, such butadiene tends to be regarded as a 
by-product, albeit a most valuable one, of the pro- 
duction of ethylene, which is the primary reason for 
most steam cracking operations carried out to-day. 
The yields of such an operation cracking 215°-430° F 
naphtha have been quoted typically as: 


TaBLe IV ?° 

















Coil outlet temperature, ° F 1340 1405 
Coil outlet pressure, psig 13-6 15-0 
Steam to feed ratio, mol/mol 3-5 8-2 
Conversion products . wt % wt % 
Composition ° ‘ Mol °;, Mol ° 
a ; , ; 10-5 155 
CH, : , F ‘ 28:3 28-7 
C,H, : , : : 0-1 0-6 
C,H, 26-7 32-4 
C,H, 9-1 3-4 
C,H, 15-1 11-7 
C,H, 1-1 0-4 
C,H, 2-4 3-2 
C,H, 5-8 3-9 
Cio 0-3 0-2 
C, and lighter 575 1000 59-0 100-0 
Cracked distillate: 

C, to 375° F,e.p. . - 35-2 30-5 

Fuel oil and carbon . 7:3 10-5 

100-0 100-0 


Basically in such processes butadiene production 
tends to increase with heavier feeds and higher con- 
versions, but engineering problems act as a limit as 
to how far both factors can be maximized simul- 
taneously. 


DISTRIBUTION OF PROCESSES 


The change in butadiene production methods over 
the last ten years is interesting (see Table V). 

The dehydrogenation of butylenes is still the 
dominant process, but the one-step Houdry process 
is making considerable strides. The choice between 
these processes is largely influenced by the availability 
of feed associated with large refinery installations. 
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TABLE V 
| United States | Europe: 
| Original 7) 1955 4 |Present !1| Present 


alloca- | position, | position, | position, 
| es o/ | ° to) te) 
| tion, ‘/o 70 /0 70 





n-Butene . .| 490 | 66-9 48-0 18-0 
n-Butane : 105 | 222 | 41-0 22.0) 
Steam cracking. 9-4 10-9 11-0 38-0 
Alcohol de- 

hydration 30-1 _ = —_ 
Acetylene = = } a — 92-0 





Where there is a considerable availability of cat 
butylenes it is likely that the butylene dehydrogena- 
tion process would be chosen. This was the case at 
Fawley, where Esso Petroleum constructed their 
dehydrogenation plant to supply the International 
Synthetic Rubber Co. Ltd. In Germany, on the 
other hand, the Hiils plant selected dehydrogenation 
of n-butane, since it was felt that there were not 
adequate supplies of cat butylenes available to form 
the basis of a fully economic plant. In view of the 
current tendency towards constructing new refineries 
on the basis of distillation plus catalytic reforming, it 
is likely that the butane dehydrogenation process will 
make further strides. Work is proceeding in many 
organizations® to improve the catalyst and process 
details, and two-step processes based upon butane, 
in which the first step is based upon fluidized catalyst 
or moving-bed operations, may become available in 
the future. 

While it is true that the majority of the newer 
butadiene plants in the U.S.A. have been based upon 
the dehydrogenation of butane rather than butylene, 
this by no means indicates any inherent superiorities 
in the process. The majority of the available 
butylene was in fact utilized in the original butadiene 
plants built during the war, and the butane operation 
has the advantage of not requiring the proximity of 
a large catalytic cracking plant as a source of 
butylenes. 

The table shows the relatively small position held 
by butadiene derived from steam cracking in the 
U.S.A., but in view of the continuing increase in 
ethylene requirements, it is likely that a considerable 
proportion of future increases in butadiene production 
will come from this source. 

The heavy European dependence on steam cracking 
is associated with the considerable ethylene produc- 
tion capacity based on this route and, with a con- 
tinuing ethylene growth in Europe also, one would 
not anticipate that this picture would change. How- 
ever, since many of the planned SBR plants are 
associated with actual or potential butadiene pro- 
ducers, it is quite likely that additional butadiene 
plants will be built by these groups, even if supplies 
from ethylene production are available. 
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EXTRACTION PROCESSES 


The processes reviewed above produce only a crude 
butadiene and require extracting by a suitable process. 
There are two processes which find wide application. 

(a) Cuprous ammonium acetate (CAA). This is the 
Esso process based on a liquid/liquid extraction with 
cuprous ammonium acetate. This solvent absorbs 
butadiene by forming a chemical complex; less stable 
complexes are produced with mono-olefins and none 
at all with saturated hydrocarbons. The reactions 
are rapid and reversible, the complexes becoming less 
stable as the temperature is raised. This allows 
purification of the extract by countercurrent dis- 
placement of mono-olefins with butadiene, and 
recovery of pure butadiene by heating. The solvent is 
chemically stable and is highly selective for butadiene. 

The process flow is simple. The C, mixture is 
extracted with a CAA solvent at reduced temperature 
in a number of countercurrent stages. Each stage 
consists of a mixer and settler, with a pump to transfer 
the hydrocarbon to the next stage. In the absorption 
stages butadiene is almost completely removed from 
the C, cut. In the extract purification or stripping 
stages the extract is freed of hydrocarbons less soluble 
than butadiene, mainly mono-olefins and saturates. 
This is accomplished by recycling a portion of the 
hydrocarbon contained in the extract from the last 
stage. The remaining extract is delivered to the 
desorber. This is a packed or plate column of con- 
ventional design with a steam-heated reboiler. Buta- 
diene is taken off overhead and regenerated solvent, 
virtually free of butadiene, is removed as “ bottoms,” 
which is recycled to the absorption stages. After 
water scrubbing, the butadiene is re-run for the 
removal of butadiene-1,2 and polymer. Butadiene-1,2 
is even more soluble in cuprous ammonium acetate 
than the desired butadiene-1,3. Since the boiling 
points of the two isomers differ by 26° F, separ- 
ation by distillation is quite feasible. The term 
“polymer ”’ includes any heavier material present in 
the feed or formed in the process. 

(b) Furfural process. In this process the feed is 
first de-propanized and charged to a butylene splitter 
column, where butadiene is concentrated in the over- 
head product. This overhead product is charged to 
the extractive distillation column, while lean furfural 
is charged as a solvent at the top of the column. 
Butadiene is preferentially absorbed in the furfural, 
together with small amounts of other C, unsaturates. 
The rich furfural which leaves the bottom of the 
extractive column is stripped in the stripping column 
and finally purified in a butadiene column. 

The butadiene produced by both these processes is 
normally 98 per cent minimum, and the general 
quality required for synthetic rubber manufacture is 
well defined ; it is set out in full in the manual “ Light 
Hydrocarbon Analysis.’’!* 















UTILIZATION OF BUTADIENE 


With its highly reactive structure one would 
imagine that butadiene would find wide application 
in industry. In fact, this is not the case. In the 
U.S.A. almost 85 per cent of butadiene used is em- 
ployed for the manufacture of SBR, the next largest 
outlet being to N-type synthetic rubber, which 
accounts for just over 2 per cent of the total butadiene 
capacity of 1,171,600 short tons. The only other 
sizeable requirement is approximately 25,000 tons, 
again almost 2 per cent, which is used for the produc- 
tion of adiponitrile for nylon. The remainder of the 
uses, high impact polystyrene, styrene—butadiene 
paint latices, sundry polymers, are each in themselves 
extremely small. The basic reason for this, of course, 
is that though the material is reactive, it is expensive 
compared with the other olefins. 

Ethylene and propylene are available at a fraction 
of butadiene selling prices, and even acetylene 
commands a slightly lower price on the market. 
Accordingly, the reactivity of butadiene is more than 
counter-balanced by its cost. The stable cost of 
butadiene is partly accounted for by its relatively high 
cost of production and partly because of its large bulk 
’ outlet in the synthetic rubber field, which is a stable 
price industry. 


Production of SBR*5 

The major raw materials in this are butadiene and 
styrene in the proportions 70 and 22/23 parts for 100 
parts of finished rubber. Butadiene is normally 
inhibited with tertiary butyl catechol prior to ship- 
ment from the butadiene plant to the SBR manu- 
facturer to reduce polymerization and the butadiene 
is washed with aqueous caustic soda to remove this 
before utilization in the SBR process. 

In the process the polymerization system employed 
is an emulsion of the monomers in water. Apart 
from the fact that water is a much cheaper medium 
than any hydrocarbon, the formation of the polymer 
as an emulsion means that a synthetic latex is pro- 
duced, enabling the synthetic product to be utilized 
in those fields in which natural latex is employed. 
The most important advantage of the emulsion 
system, however, is that a redox catalyst can be 
employed. 

The catalyst is a fairly complex multi-component 
one including an oxidizing and a reducing agent, and 
in addition to the catalyst a significant concentration 
of soap is maintained present in the reaction to pro- 
mote the polymerization and stabilize the hydrocarbon 
emulsion. A reaction modifier is also added, usually 
a mercaptan, and serves to control the course of the 
polymerization, in particular the molecular weight. 

The early production of SBR was carried out at 
about 120° F, and though the resulting rubber had 
fairiy good properties, it was not at all comparable 


APPLETON: THE PRODUCTION AND UTILIZATION OF BUTADIENE 





with those of natural rubber. However, in the late 
1940s advances were made in these redox catalyst 
systems which enabled the temperature of polymeriza- 
tion to be lowered to 41°-55° F. This type of SBR, 
which is called “ cold ” rubber, had improved physical 
properties over the earlier products. 

The temperature of reaction is important in terms 
of the structure of the polymer built up. The most 
desirable types of SBR are based mainly on straight 
chains of butadiene-styrene units, but butadiene can, 
in addition to linking 1 to 4, link in the 1 to 2 method, 
yielding a branch vinyl group which can take part in 
further additions in the 1 to 2 position and so give 
a branched chain. The reduction in the temperature 
of polymerization favours 1 to 4 addition and hence 
produces an improved rubber. 

The process is carried out by charging together all 
the materials of the polymerization reaction except 
the activator and cooling them down to the reaction 
temperature range. The activator is added at the 
point of entry to the reactors and the reaction allowed 
to proceed until approximately 60 per cent of the 
monomers have reacted to form polymer; at this 
stage a material known as a short-stop is added to 
terminate the reaction. One reason for this is to 
ensure that the properties of the resulting rubber are 
not lowered by the branching which normally occurs 
if the reaction is allowed to proceed further towards 
completion. In addition, around the 60 per cent con- 
version level the rate of reaction has slowed down, so 
that by halting the reaction at this point the residence 
time is kept to a reasonable length. 

At this stage the product is in the form of a latex 
of synthetic rubber comprising about 20 per cent by 
weight of solid rubber, and about 10 per cent by 
weight is accounted for by the unreacted monomers. 
Butadiene is accordingly flashed off at a temperature 
of about 120° F and 200 mm absolute pressure. The 
styrene still remains, and the next stage is to remove 
the styrene by vacuum steam distillation. 

The latex is coagulated to form the solid rubber, 
and prior to this stage additional materials can be 
added. The first material is an anti-oxidant, which 
is incorporated so that deterioration is inhibited during 
the period when the rubber is dried in ovens. The usual 
method of adding the anti-oxidant is as a dispersion. 

It is customary to add mineral oil to the SBR at 
this stage of the operation. Not all grades of SBR 
contain mineral oil, but where this extender can be 
added, a somewhat cheaper product is produced, the 
properties of which are quite adequate in many 
applications. The extender is also normally added 
as an emulsion. 

The latex is coagulated by the addition of salt 
solution and dilute sulphuric acid, which yields a 
slurry of rubber crumb. The rubber is recovered by 
filtration, washed with water, and after further 
filtration is dried and baled for storage. 
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The world production capacity for SBR now 
amounts to over 1} million tons/year, compared with 
a natural rubber production capacity of almost 2 


million tons. 


Production of N-type Rubber 

Another important rubber product in which buta- 
diene is employed is the copolymer with acrylonitrile, 
which produced the oil-resistant rubber called nitrile 
rubber. The basic polymerization is an emulsion one 
with a procedure rather similar to that employed in 
the manufacture of SBR. 

However, the annual production in the U.S.A. of 
N-type rubber has remained around the 30,000-ton 
mark during the past four or five years, although 
based on the first 11 months of 1959, the year was 
likely to see over 40,000 tons produced, which would 
account for around 28,000 tons of butadiene. When 
compared with the million and a half tons of SBR, its 
significance as a butadiene consumer is very minor. 


Polybutadiene Rubber '® 


Among the other uses, one which promises growth 
to a significant scale is that for the production of poly- 
butadiene rubber. This material shows considerable 
promise as a rubber of the future. It is prepared by 
stereospecific polymerization of 1,3-butadiene with 
Ziegler organo-metallic catalysts (aluminium alkyls 
with titanium halides) and is a product of high cis 1,4- 
structure. Properties of this polymer approach those 
of natural rubber with increasing cis 1,4-portion of 
the polymer. Tensile properties are lower than those 
of the natural product, but hysteresis and elasticity 
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properties are excellent, and oxidation resistance is 
good. 

In view of the large available capacity for 1,3-buta- 
diene production, this product could rival cis 1,4-poly- 
isoprene as a substitute for naturalrubber. However, 
unlike polyisoprene, it must be used in admixture 
with natural rubber. 


Other Uses 


At the right price levels use in adiponitrile produc- 
tion could increase. 

Other products being developed, such as Esso’s 
range of “ Buton”’ resins, could add to the smaller 
uses and thus extend the range of butadiene 
utilization. 
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DISCUSSION 


C. A. Curtis (Manchester College of Technology): 
Which is the best source of isoprene nowadays? 


A. A. Appleton: At the moment, commercial quanti- 
ties of isoprene are produced by extraction from cracked 
refinery streams. It is reported that production by 
pyrolysis of amylenes from cracked streams is actively 
under consideration, and there are numerous literature 
references to the production of isoprene by the pyrolysis 
of hexenes prepared by the dimerization of propylene. 


F. J. Weymouth (Courtaulds Ltd): I would like to hear 
Mr Appleton’s views on the relative merits of the furfural 
and cuprammonium methods of butadiene purification, 
and also to hear any comments he may have on other 
alternative processes, e.g. those involving the use of 
acetone, acetonitrile, and ammonia. 


A. A. Appleton: I believe the CAA extraction process, 
which is used in at least 20 installations, is the preferred 
route, as confirmed by the fact that the bulk of the newer 
post-war capacity uses this process, although in cases 
where it is desired to concentrate butene feed to a de- 
hydrogenation plant by furfural extraction there might 
be grounds for considering the possible use of furfural at 
both ends of the plant. 

I do not possess sufficient information to comment on 
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acetone, acetonitrile, or ammonia, but in view of their 
lesser importance, one would assume that economic 
analysis favoured CAA and furfural in the majority of 
cases. 


H. W. D. Stubbs (ICI (Heavy Organic Chemicals) Ltd): 
Mr Appleton mentioned the production of Buton resins 
from butadiene. Would he care to describe how this is 
done? 


A. A. Appleton: In view of the presence of Mr D. F. 
Lyle, whose activity in Esso Petroleum is more directly 
connected with Butons, I do not think I could do better 
than refer the question to him. 


D. F. Lyle (Esso Petroleum Co. Ltd): Buton resin is 
prepared by the copolymerization of approximately 80 
per cent butadiene and 20 per cent styrene using a special 
catalyst system. 

The basic material can be used for protective coatings, 
but is of particular value in the manufacture of glass- 
reinforced plastics, where it offers many of the advan- 
tages of epoxy resins at less than half the cost. 

The basic resin can also be partially oxidized to give 
a range of products of great value in the manufacture of 
tough, chemically-resistant, surface coatings. 








RECENT DEVELOPMENTS IN POLYOLEFINS 


By C. E. H. BAWN* 


UnTIL comparatively recently the only known highly 
polymeric olefins were polyethylene and polyisobutene. 
The methods of synthesis of these polymers have been 
extensively reviewed and are typical examples of free 
radical and cationic polymerization. Thus the high 
pressure polymerization of polyethylene is initiated 
by peroxides or other sources of free radicals and 
polymerization occurs by a chain reaction in which 
the monomer molecules add successively to the free 
radical end of a growing polymer chain. The reaction 
is typical of a free radical vinyl polymerization and 
may be represented generally by 


Catalyst ——> Free radical R- Initiation 
R + CH,=CHX —»> RCH,—CHX: 
RCH,—CHX + CH,=CHX —> Propagation 


R—C H ong HX—CH,—CHX: 


R(CH,—CHX),CH,=CHX> + 
R(CH,—CHX),,CH,—CH X —> 
Polymer. Termination 





isoButene does not polymerize by this type of free 
radical reaction but by a mechanism which involves 
the addition of monomeric molecules to charged 
molecules or ions. The so-called cationic polymeriza- 
tion of the monomer proceeds by the growth of the 
polymeric cation CM* 


CM*+ + M—»> CMM*, ete. 
and initiation is best brought about by strong Lewis 


acids, especially certain halides such as AICI, BFs, 
TiCl,, ete., namely, 


BF, + H,O —> H*BF,OH- 


H*BF,OH + CH,—=C(CH;), —> 
/Ms 
CH,;— Ke. BF,OH- 
JE H, 
CH, — CX + CH,=C(CH3).— 


\ CH, 
CH,—C(CH,),—CH,, “Ke, 


The whole picture of the polymerization of the 
olefins has been changed recently by the discoveries 
of Ziegler and Natta, who use new kinds of catalyst 
which readily polymerize olefins such as propylene, 
butene-1, etc., which had not been previously poly- 


SCH 3 


merized to high weight polymers. But perhaps more 
important was the observation that these catalysts 
provide the means of stereoregulation of the side 
chains which enables the polymers to be synthesized 
in highly crystalline forms. Since the original 
announcement by Ziegler in 1953, an immense amount 
of work has been carried out in laboratories all over 
the world. Much of this work has only been reported 
in the patent literature—now running into many 
hundreds of published patents—and in this paper it is 
only possible to review these fundamental develop- 
ments and to indicate the trend of present-day 
research. Furthermore, it will be necessary to restrict 
consideration largely to the «-olefins, with the full 
realization that the developments of the polymeriza- 
tion of the di-olefins, particularly butadiene and 
isoprene, are of equal significance both fundamentally 
and technically. 


THE STEREOCHEMISTRY OF THE 
PROPAGATION REACTION 


If we consider the typical propagation reaction of 
a radical polymerization, as seen in Fig 1, the 


oe ys 


/ 


C 

ie \x H Ti H H 
~ 

+ CH,=CHX es. D4 ff 


Fie 1 


monomer being added to the growing chain may be 
fixed in either of the alternative configurations A or 
B. Each alternate carbon atom is theoretically a 
centre of asymmetry, since it is attached to four 
different groupings H, X, and two chains of different 
lengths and end groups. In the arrangement A the 
added monomer is in the same configuration as that 
of the last unit of the chain—the X groups being above 
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the plane of the paper, where in arrangement B the 
added monomer is in the opposite configuration—the 
X groups being alternately above and below the plane 
of the paper. These two types of structure have been 
called by Natta “ isotactic ” and “ syndiotactic.” In 
normal radical or ionic polymerization the substituents 
are randomly arranged in the isotactic and syndio- 
tactic placements along the lengths of the chain and 
an atactic polymer results. The astonishing interest 
in the Ziegler catalysts is that not only do they bring 
about the polymerization of the «-olefins under 
ordinary conditions of temperature and pressure but 
they also permit a control of stereoregularity of the 
chain. Thus isotactic polypropylene is now not only 
a familiar product of most polymer research labora- 
tories but is already a commercially-produced polymer. 
Recently, Natta has also announced the synthesis of 
syndiotactic polypropylene. 


MOLECULAR STRUCTURE 
AND PROPERTIES 


The main evidence of the regularity of the steric 
structure of these hydrocarbon polymers was provided 
by physical measurements and in particular by X-ray 
studies of the polymers. Because of their regularity 
in chain structure, the molecules may pack together 
into an ordered three-dimensional structure in which 
they display the properties of crystalline materials. 
This crystallization phenomenon was, of course, well 
known previously for many polymers, e.g. in poly- 
ethylene of polytetrafluoro-ethylene, in which all the 
substituents were of one kind of atom, or vinylidene 
chloride (—CH,—CCl,—),, in which stereoisomerism 
is impossible. Polystyrene, polyvinyl chloride, etc., 
as normally synthesized, showed largely an amorphous 
structure due to the random occurrence in the chain 
of the unit stereoisomeric structures. Recently, the 
stereoregular forms of these polymers have been 
synthesized and show properties very markedly dif- 
ferent from the randomly-arranged structures. 

The most striking property consequent upon the 
crystallinity lies in their melting points. The follow- 
ing tables summarize the melting points of some of the 
isotactic crystalline polyolefins. 

Many of the results are surprising, especially among 
the branched structure stereospecific polymers, which 
have remarkably high melting points. This is con- 
trary to the usual behaviour, since normally incom- 
plete side chain substitution in a linear polymer pro- 
vides a hindrance to crystallization and a lowering in 
the melting point. The reason for this apparent 
reversal lies in the geometrical shapes of the polymeric 
molecules in the crystallites. As we shall discuss in 
detail later, the asymmetric synthesis gives highly 
ordered chains which pack very well and are stiffened 
by suitable arrangement of the alkyl groups. 

The data in Table I show the striking effect of 
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change of the lateral group R in the polymer 
R 

(—CH,—CH—), on the melting point and on the 

transition from rubbery amorphous to hard crystalline 


TABLE I 
R 


Melting Points of Isotactic Polyolefins (—CH,—CH—),, 


Monomer 


Ethylene 136 ~=—- Crystalline 

Propylene 165 Crystalline 

Butene-1 ; ; 125 Crystalline 

Pentene-l_ . . : 75 Crystalline 

Hexene-1 (—50) Rubber, non-crystalline 
Heptene-1 (—40) 

Octene-1 ' . (—38) 

Dodecene-1 . ; . 45 


70,100 Crystallinity due to 
crystallization of long 
lateral groups 


Octadecene-1 


Melting Points of Isotactic Polyolefins 
(Branched Chain Substituents) 
3-Methyl-1-butene . 280-285 Hard, highly crystalline 
3,3-Dimethyl-l-butene . 370 Hard, highly crystalline 
4-Methyl-1-pentene . 200-240 Very highly crystalline 


4,4,-Dimethyl-1-pentene 320 Hard, crystalline 
4,4-Dimethyl-l-hexene . 350 Hard, crystalline 
4-Methyl-1-hexene 160 Hard, crystalline 
5-Methyl-1-hexene . 110, 130 


Rubber, non-crystalline 


6,6-Dimethyl-l-hexene . — 
Rubber, non-crystalline 


6-Methyl-1-heptene . _ 


Melting Point of Isotactic Polyolefins 
(Cyclic Substituents) 


3-cycloPentyl-l-propene. 225 Hard, crystalline 

3-cycloHexyl-l-propene. 225 Hard, crystalline 

4-Phenyl-1-butene . 158 Slightly rubbery, but 
crystalline 

3-Phenyl-1-butene 360 Intractable, but crystal- 
line 

5-Phenyl-1-pentene : Rubber, non-crystalline 

Styrene : . 240-260 Brittle, crystalline 

o-Methy] styrene . 360 Crystalline 

m-Methy] styrene . 215 

p-Methy] styrene . Amorphous 

2,4-Dimethyl styrene 310 

2,5-Dimethy] styrene 330 

3,4-Dimethy] styrene 240 

3,5-Dimethy] styrene 240 

p-Ethyl] styrene Amorphous 

p-isoPropyl styrene Amorphous 

p-cycloHexyl] styrene Amorphous 

Alkyl benzene 230 Hard, crystalline 

1-Viny! naphthalene 360 Crystalline 

4-Vinyl biphenyl . Amorphous 


polymer. If one considers the effect of substitution 
in the side chain in terms of the general monomer 
formula 


| | | 
sha O 


| | 


then a number of broad generalizations become 
apparent. 

(1) Linear Side Chains. In the series beginning 
with ethylene, excluding the first member of the 
series from consideration, the melting points decrease 
through 1-pentene and higher members are amorphous 
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rubber up to octadecane, which is again crystalline. 
The C,7,, hydrocarbons seem to be anomalous and 
need confirmation. Long flexible side chains bring 
down the melting point, since they contribute to in- 
creasing molecular asymmetry. Side chains more 
than C,, crystallize in the normal paraffinic structure, 
as has been observed previously with the higher 
methacrylates. The materials behave like normal 
paraffins tied at one end. 

(2) Side-Branching on the « Carbon. Single branch- 
ing gives high melting points (250°-360° C) and the 
highest crystallinity. The polymers are hard, and 
readily form film and fibre. 

(3) Side-Branching on the 8 Carbon. All polymers 
of the symmetrical branched hydrocarbon melt in the 
range 220°-240° and give hard crystalline polymers. 
Unsymmetrical branching, as in poly-4-methyl-1- 
hexene, lowers the mp. Double branching on the 
8-carbon gives very high melting polymers. 

(4) Side-Branching ony Carbon. The two examples 
of this class are rubbery but crystalline polymers 
melting in the range 110°-160° C. 

(5) Phenyl Alkenes. The polymers decrease in 
crystallinity, mp, and stiffness as the number of 
carbon atoms between the double bond and phenyl 
group is increased. The substitution of a terminal 
hydrogen by a methyl group increases the mp of the 
polymer. It is interesting that the para-substituted 
styrenes, although isotactic, are not crystallizable. 
This is an example of a wider principle that crystal- 
lizability is not necessarily a measure of tacticity. 
Crystallization does not seem to be possible when the 
side chains of the polymer are mobile or where the 
packing of the ordered structures, because of position 
and bulkiness, are such as to lead to a crystalline 
polymer having a density lower than the same 
polymer in the amorphous phase. 


MOLECULAR CONFIGURATION OF STEREO- 
SPECIFIC POLYMERS: RELATIONSHIP OF 
STEREOCHEMICAL STRUCTURE AND 
PROPERTIES 


The remarkable physical properties of stereo- 
specific polymers are partly determined by the 
molecular arrangement in the crystals of these 
polymers. Extensive data have been obtained by 
Natta and Corradini and others and, for reasons 
which we shall consider again later, the molecules do 
not become extended in one plane as with poly- 
ethylene but they show a common pattern of helicoid 
formation, the helixes being arranged parallel to one 
another in the crystal, which is built up of co-existing 
equal numbers of left- and right-handed spirals. 
Some typical spirals, and the effect of side chain 
substitution on properties of the helix, are shown in 
Fig 2. 


The isotactic polymers, such as polypropylene, poly- 





butene, and polystyrene, form a helix in which three 
structural units are accommodated in each repeat 
unit, occupying an axial length of about 6-5 A. 
As the bulkiness of the side group increases, the helix 
contains four monomeric units (poly-3-methyl-1. 
butene), whilst still more complex groups for a pattern 
of seven monomer units comprising two turns of the 
helix (poly-4-methyl-1-butene and poly-4-methy]-1. 
hexene). 

The nature and properties of the stereospecific 
polymers differ considerably from their less regular 








© CH R-CH)-C:H.-CH-CH, R~CH.CH(CH,)C.H, R-CH(CH,).C.H. 
=CH,CH.CH(CH,), _ CH,CH~(CH;), 
O cx, OCH;OCH,CH(CH,), 


C,H; 
Ox 
Fie 2 


POSSIBLE TYPES OF ISOTACTIC CHAINS, ACCORDING TO THE 
NATURE OF THE LATERAL GROUP 


isomers, and this raises the important question of the 
relations between polymer properties and molecular 
structure, particularly in relation to the configuration 
taken up by molecules in the crystalline regions of 
the solid polymer. For example, the soft extensible 
natural (hevea) rubber and the stiff crystalline gutta 
percha; the fibre-forming cellulose and the non- 
fibrous amylose are examples of isomeric polymers 
differing only in molecular architecture but having 
widely different properties. Polymer properties thus 
depend not only upon the gross chemical structure 
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but also upon the more detailed isomeric or stereo- 
isomeric geometrical arrangement in the molecule. 

The factors which determine the configuration taken 
up by the chain molecules in the crystalline regions 
of a high polymer depend first on the forces within 
the molecule, which determine the minimum energy 
configuration for the isolated molecule, and, secondly, 
the forces between neighbouring molecules which tend 
to pull the molecules into a different configuration. 
The shape taken up by a molecule in isolation will be 
the one of the lowest energy, and there is little doubt 
that the plane zig-zag is the minimum energy con- 
figuration for an isolated chain, because the all trans- 
plane zig-zag is the only one that does not bring the 
non-bonded atoms closer than the van der Waal 
contact distances. 

The reason why the isotactic vinyl polymers of the 
general formula (—CH,—CHR)), with all the R groups 
in corresponding positions (either all left-hand or all 
right-hand) form a helix is now clear because the all 
trans-plane zig-zag would put the side groups only 
2-45 A apart, which is much too close for a CH, or 
CH, group which has an effective diameter of 4-0 A 
or for a benzene ring of a thickness of 3-6 A. The 
helical form keeps the side groups far apart and is 
preferable on that account. 

In polymers of the isotactic poly-«-olefins with 
branched side groups which are much more bulky, the 
steric interactions are greater, leading to larger 
separations for minimum energy of interaction. This 
results in a looser helix of greater pitch and a lower 
crystalline density. 

The crystalline melting point is of fundamental 
interest in relation to its dependence on molecular 
structure, and technically is important, for instance, 
in the spinning of fibre and in the manufacture of 
plastics of good high temperature properties. 

The process of melting of high polymers is not yet 
well enough understood for a precise quantitative 
treatment, but the knowledge that has been accumu- 
lated does enable us to formulate, at least in an 
empirical way, the molecular characteristics which 
control melting point. It is well known that the 
melting point is related to the heat of melting AH and 
the entropy of melting AS by the thermodynamic 
equation 7',, = AH/AS, and the problem is therefore 
to discern the correlations between molecular struc- 
ture and the heats and entropies of fusion. It is 
therefore clear that the factors which will be expected 
to influence melting point in a series of hydrocarbon 
polymers will be (a) interchain cohesion, since other 
things being equal a decrease in intermolecular forces 
will decrease the melting point; (b) molecular flexi- 
bility, molecular stiffness, and symmetry. A flexible 


molecule which may be essentially linear in the crystal 
will coil on melting, and thus AS will be higher for a 
rigid molecule than for a more flexible one, i.e. for a 
The 


given AH, AH/AS and thus 7’, will be lower. 
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degree of flexibility is determined by rotary move- 
ments around single bonds, which occur in the face 
of an energy barrier. It is known that the height of 
this barrier varies with the nature and degree of sub- 
stitution in the hydrocarbon chain, and may vary 
from 1000-5000 cal/mol. High barriers to rotation 
lead to higher melting points. 

In these qualitative terms can now be understood 
the data of Table I. Thus it is clear that the longer, 
more flexible side chains as one goes from poly- 
propylene to polypentene would bring down the melt- 
ing point, since they increase the molecular asym- 
metry. Again if one compares the poly «-olefins with 
branched side groups, then the overcrowding will be 
less severe (greater rotation freedom) when the branch 
is farther away from the main chain, and this is in 
line with the decrease in melting point along the series 
poly-3-methyl-1-butene (mp 310°), poly-4-methyl-1- 
pentene (mp 240°), and poly-4-methyl-1-hexene (mp 
125°). In the disubstituted derivatives or tertiary 
chains, such as poly-4,4-dimethyl-1-pentene (mp 300°), 
the reverse is true, the chain stiffness leading to a very 
high melting point. 

It is evident from these observations that we are 
now in a position to make reliable estimations of the 
melting points of the polyolefins, and thus to predict 
some of the properties of the polyolefins, even though 
it may not have been synthesized. 


THE SCOPE OF ZIEGLER CATALYST 
SYSTEMS 

Since K. Ziegler announced his discovery of the low 
pressure polymerization of ethylene using a catalyst 
made by a combination of two components, namely, a 
metal alkyl and a transition metal compound, a very 
wide range of such catalyst systems have been in- 
vestigated, and these are now referred to as Ziegler 
catalysts. The very large number of examples de- 
scribed in the patent literature have been tabulated 
in the recent book by Gaylord and Mark. As a broad 
generalization Ziegler catalysts may be prepared by 
interaction of alkyls of group I-III metals with the 
halides or other derivatives of the transition metals 
of group IV-VIII. The metal alkyls which have been 
used include LiR, NaR,, ZnR,, CdR,, BeR,, AIRg, 
and aluminium alkyl derivatives R,AIX, RAIX,, 
where X = hydrogen, halogen, alkoxy, aryloxy, or 
the radical of a secondary amine, secondary acid 
amide, mercaptan, carboxylic, or sulphonic acid. In 
all the above compounds R is hydrogen or alkyl. 
The most effective transition metal halides have been 
those of titanium, vanadium, zirconium, but esters or 
organo-chelate derivatives can all be used effectively. 
The catalysts may be made from mixtures of alu- 
minium and titanium compounds or alloys which form 
either or both the aluminium alkyl and metal halide 
in situ. 









378 





It was Natta and his co-workers who first showed 
that stereospecific hydrocarbon polymer could be made 
by the use of Ziegler catalysts. There has been much 
speculation about the mechanism of the stereo- 
specific reaction (loc. cit.) but the broad picture has 
emerged that the control of the stereochemistry of the 
addition polymerization of the «-olefins appears to 
involve solid surfaces. Soluble Ziegler catalysts have 
been described which polymerize ethylene homo- 
geneously, but catalysts which produce stereoregular 
polymers of «-olefins are at least partially insoluble. 
The most important combination is that of titanium 
tetrachloride with an aluminium alkyl. On mixing 
these components, a reduction to ionic insoluble 
TiCl, occurs, and the stereospecific catalyst requires 
the component TiCl, (or TiCl,) plus an organic 
metallic derivative. The lower halides are formed by 
the following sequence of reactions 


TiC], + AIEt, —> EtTiCl, + AIEt,Cl 
EtTiCl, —> TiCl, -+ Et 
TiC], + AIEt, —> EtTiCl, + AlEt,Cl 
EtTiCl, —> TiCl, -+ Et 
TiC], + 2AIEt, —> Et,TiCl, + 2AlEt,Cl 
Et,TiCl, —> EtTiCl, + Et- 


In fact, some of the most effective catalysts are those 
in which the pre-formed metal halides having a valency 
iess than the maximum (e.g. TiCl,, VCl,) are suspended 
in a hydrocarbon oil to which the aluminium alkyl is 
added. Furthermore, a quite remarkable degree of 
stereospecificity has been achieved by a careful 
control of the preparation and treatment of the 
titanium trichloride or other metal salt component. 
Catalysts composed of two active metal derivatives 
seem to be a general feature of these systems, and it 
is these observations which have led to the view that 
some kind of complex is involved. Two different 
metal atoms, however, are not essential, since recent 
work has shown that the titanium alkyls RTiCl, are 
good catalysts, but polymerization occurs only when 
some of the alkyl has decomposed to TiCl,. The sys- 
tem, then, is analogous to the aluminium alkyl-TiCl, 
combination and the catalyst is RTiCI-TiCI,. 


NATURE OF ZIEGLER-TYPE CATALYSTS AND 
THE MECHANISM OF POLYMERIZATION 


Many different mechanisms have been proposed 
for Ziegler-type polymerizations, but up to the 
present time no unambiguous evidence has been 
obtained which satisfactorily proves any of the 
theories put forward. The most impressive and 
conclusive evidence so far comes from Natta and his 
collaborators in Milan. 

Natta proposed that the active catalyst is a com- 
plex between a transition metal halide with a valency 
less than the maximum (TiCl,, VCl,) and a metal 
alkyl derivative of Groups I-III. The metal alkyl 
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bonds in such a complex can be imagined to be highly 
polarized in the direction of a carbanion, and Natta 
has proposed that monomer units are inserted between 
such a metal-carbanion bond, thus giving rise to an 
ionic polymerization in which the growing anion is 
co-ordinated with a metal cation. The mechanism 
is analogous to that originally proposed by Ziegler to 
explain the alkylation of ethylene by aluminium alkyls 
at pressures of about 10 atm and 200° C. Polymeriza- 
tion can then be imagined to occur as follows. 


M = metal in the complex 


M—CH,R —> M* CH,-R 
M+ CH,-R + CH,=CH,—> M+ CH,-R—> 


CH,-—CH,* 
M* CH,-CH,—CH,—CH,R: 

M* CH,-—CH,—CH,R + nCH,=CH, —- 
M* CH,-—CH,—-CH,—CH,—CH,R 


Termination of the growing chains is thought to occur 
via hydride ion transfer to monomer or to the metal 
cation, namely, 


M* CH,:CH,-(CH,),,R —> 
M* H- + CH,=CH-(CH,),R 


M* CH,~-CH,(CH,),R + CH,=CH, —> 
M+ -CH,~-CH, -+ CH,=CH(CH,),R 


Other termination reactions involving the effect of 
excess aluminium alkyl or titanium trichloride do 
occur but are not so important as the above reactions. 

The complex between aluminium triethyl and 
titanium is best represented as being analogous to the 
dimer of aluminium triethy] itself, i.e. 


C.Hs. C,Hs. CH; 
“AK AL 


C.Hy “C,H; C,H; 
Hs a 
AK 4 
C,H,” “C,H,” “Cl 


or alternatively, the trivalent titanium compound 
might have been alkylated, in which case the complex 
would be of the type AlEt,-TiCl,Et. 

In support of this theory Breslow and Newburg, 
and Natta and his co-workers have synthesized organo- 
metallic catalysts containing titanium and aluminium 
of well-defined structure which function as soluble 
catalysts for the polymerization of ethylene. These 
complexes prepared by reaction of bis-cyclopentadieny! 
titanium monochloride or dichloride with aluminium 
alkyls, chloralkyls, or aluminium trichloride have 
been shown by X-ray examination to have bridge 
bonds between the Al and Ti. Table II shows the 
typical complexes and their catalytic properties. 
In the presence of «-TiCl, the activity of 
(C;H,;).TiAl(C,H;). is enhanced. 
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TABLE II 





Activity for ethylene 
Complex Mp _ |_ polymerization 95° 
| and 40 atm in benzene 





(C;H;)2TiCl,Al(C,H;)2 | 125-130 | Good 
(C,H,)TiCl,AIC,H;Cl «| 88-92 | Good 
(C;H,)TiCl,AICl, 155-160 | Poor 
(C;H;),TiAl(C.Hs)2 169-171 | Good 





Whereas ethylene polymerization can take place 
with catalysts of the above type which are soluble in 
the polymerizing medium, the polymerization of the 
a-olefins to high molecular weight products occurs 
only with catalysts acting in the presence of a 
heterogeneous solid phase. It seems necessary also 
that for these polymerizations to be stereospecific a 
crystalline structure or a molecular aggregate having 
an ordered structure be present. It is a reasonable 
assumption that in heterogeneous catalysts containing 








i 
- 
So mea 
Nal” 4+. CH,=CHR 
Ti 1, 
Oe 
x 
Pp ra 
HCR 4 
CH, , 
STi AL or  HRC==CH,—TiK ar’ 
\ eA .* « ‘. a \ 
x CH, 
A | 
H—C—R 
CH,=CHR Pa | 
Ps P 
P if Pp 
mm rs | 
y. HCR 
| K | 
CH, CH, 
a 
HCR i HCR 
- a AR 
CH, CH, CH, 
‘Ti, Al Nai ar 
fa HCR f ‘st 
x x 
CH,—CHR—P 


titanium and aluminium the same types of bridge 
bonds as in the soluble catalysts are present as a 
surface crystalline phase. 

There exists a considerable difference of opinion as 
to whether the chain grows on the titanium or alu- 
minium atom. Some workers also postulate that the 
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complex must contain an alkyl bridge and that a 
Na is inactive 
f Qs 
One cannot be too dogmatic about these matters, 
since it is well known that metal alkyls readily ex- 
change alkyl groups with themselves and with metal 
chlorides. The most acceptable mechanism seems to 
be that in which the olefin initially associates with 
the transition metal as a consequence of the electron 
deficiency of the metal and the high electron density 
of the olefin, and that growth occurs by an insertion 
mechanism, shown above. 


double chloride bridge 


METAL AND OXIDE CATALYSTS 


Although this paper deals mainly with the general 
aspects of stereospecific polymers and in particular 
with Ziegler catalysts, the earliest processes for the 
low pressure polymerization of ethylene used reduced 
supported molybdenum and nickel catalysts. In 
recent years important developments have been made 
in the use of heterogeneous catalysts largely based on 
the metal-metal oxide-support type of catalyst. 
Three types of such catalysts have been reported to 
be of commercial interest for the low pressure poly- 
merization of olefins. The Phillips Co. have disclosed 
the use of chromium oxide or mixed chromium oxide 
on a silica, alumina, silica-alumina, or other oxide 
support. The Standard Oil Co. of Indiana have 
reported two systems: nickel or cobalt metal on 
charcoal, and molybdenum oxide on alumina pro- 
moted by metals, hydrides, complex hydrides, etc. 
Very little work has been published on the mechanism 
of the polymerization reaction, and most of the 
available information on these processes has been in 
a voluminous patent literature. 


TasBLe III 
Polymerization of Various 1-Olefins 


(Fixed bed, 88° C, 500 psi gauge, 2 1.h.s.v., 20 mol %, olefin 
in hydrocarbon solvent, 6-hr runs; catalyst, 3 wt % Cr as 
oxide on SiO,—Al,0,) 








Average 
Monomer conversion, | Type polymer 
% || 

Ethylene . . 100 Solid 
Propylene. 4 91 | Tacky, semi-solid 
1-Butene ‘ ;. 77 Tacky, elastic, semi-solid 
1-Pentene ‘ ; 82 Tackier than _ poly- 

propylene, semi-solid 
1-Hexene 40-56 Very tacky, transparent 

gel 
4-Methyl-1-pentene . 80 Solid and liquid polymers 





The Phillips (Marlex) catalyst produces a highly 
crystalline linear polyethylene, but with the other 
a-olefins the polymers produced show little or no 
stereospecificity. The homopolymers range from hard 
or rubbery solids and semi-solids to waxes and 
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viscous liquids. Some typical conversions and pro- 
perties are summarized in Table III. 


STEREOBLOCK HOMOPOLYMERS, 
RANDOM AND BLOCK COPOLYMERS 


The synthesis of highly crystalline isotactic polymers 
in the presence of highly stereospecific catalysts is 
always accompanied by the formation of atactic and 
stereoblock polymers with a lower degree of crystal- 
linity and a lower melting point than the isotactic 
polymers. Isotactic stereoblock polymers are defined 
as polymers containing isotactic chain segments alter- 
nating with segments of different configuration. 
These polymers may be separated by fractionation 
with different solvents. Variations of the stereo- 
isomeric composition is determined by the nature and 
the pre-treatment of the catalyst, and the temperature 
of polymerization. For example, some vanadium 
compounds with a valency higher than 3 are more 
suitable than titanium compounds to prepare poorly 
stereospecific catalysts but give high yields of stereo- 
block polymers having very high molecular weight. 
Stereoblock formation causes a considerable modifica- 
tion in the properties of the polymers: the shorter 
the stereoblocks, the lower is the crystallinity and 
melting temperature. Very significant differences 
are also observed in mechanical properties. Thus the 
initial elastic moduli of stereoblock polypropylene of 
13-15 per cent crystallinity is low in comparison with 
isotactic polypropylene, and also shows the interesting 
property of high elasticity in the orientated state. 
Certain orientated propylene stereoblock polymers 
behave like true elastomers. 

By alternating the introduction of different 
monomers in the reaction medium, polymers with long 
successive homogeneous sections of monomer units in 
the same macromolecule have been synthesized, i.e. 
block copolymers of the type 


—AAAAABBBBBBBAAAABBBBB——— 





where A and B are different olefins, as, for example, 
ethylene and propylene. 

Random copolymers -—ABABBABBAB—— _ 
obtained from «-olefins have properties somewhat 
similar to the stereoblock copolymers. Small quan. 
tities of a monomer A introduced into an isotactic 
polymer B reduce the crystallinity and melting point. 
Larger quantities make the copolymers amorphous. 
The production of the «-olefin amorphous polymer is 
readily achieved by the use of Ziegler catalysts, which 
in the homopolymerization of the «-olefins yield 
mainly atactic polymers. The mechanical properties 
of the random copolymers are very different from 
those of the homopolymers and from those of their 
physical mixture. The ethylene—propylene copoly- 
mers have good elastomeric properties and can be 
vulcanized to give products of excellent chemical re- 
sistance, high tensile strength, and elastic properties. 
The potential use of cheap raw materials for the pro- 
duction of synthetic rubbers is obvious. 


CONCLUSIONS 


In the course of a single lecture it has only been 
possible to indicate the scope and potentialities of the 
newer methods of polymerization and the new types 
of polymer molecules which promise to add signifi- 
cantly to the plastics, fibres, and rubber in common 
use. While the Ziegler type catalysts have been of 
major interest, the field of study of new catalyst 
systems is rapidly extending. Lithium alkyls have 
been extensively studied for the polymerization of 
di-olefins and some polar monomers. Linear syndio- 
active polymethyl methacrylate, polyvinyl chloride, 
and other vinyl monomers have now been made by 
direct free synthesis from the monomer. Equally 
important discoveries have been made in the field of 
the polymerization of the olefin oxides. The future is 
promising—new catalysts and new polymers will 
emerge which will lead not only to a closer under- 
standing between structure and properties but also 
to the synthesis of polymers of desired properties. 


DISCUSSION 


Dr D. A. Hazlehurst (Petrochemicals Ltd): The use of 
soluble alkali alkyls for polymerizing olefins would seem 
to be analogous in some respects to the use of lithium/am- 
monia or lithium/amine catalyst systems from the point 
of view of the reaction mechanisms involved. 

It has been reported that methacrylonitrile has been 
polymerized to give products of high molecular weight 
using lithium/ammonia at —75° C (Plastics, 1958, 28, 
346). 

Would Professor Bawn comment on the use of systems 
of this type, particularly lithium/amine, which would 
probably be the more favourable because of the reduced 
possibilities of chain termination reactions? 


Professor C. E. H. Bawn: A detailed study of the 
polymerization of methacrylonitrile with lithium/am- 





monia has been reported by Overberger, Pearce, and 
Mayers (J. Polymer Sci., 1959, 34, 109). The mechanism 
of initiation was shown to be a one-electron transfer from 
lithium to monomer to give an anionic radical. The 
monomer was consumed before any termination reaction 
occurred. Similar mechanisms have been proposed by 
Szwarc in “ living polymer ’”’ systems, and termination 
does not occur at all or only when all the chains have 
completed their growth. 


E. V. Gulbekian: Has any work been done on the 
preparation of stereospecific polymers in aqueous emul- 
sion? 


Professor C. E. H. Bawn: I am not aware of the pre- 
paration of stereospecific polymer in aqueous emulsion. 
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s now well established that stereopolymers can be The high yield of cis-1,4- can be understood in terms of 
prepared by typical free radical polymerizations, and it a cyclic transition state 
cannot be ruled out that these ideas will be extended to 

—— emulsion systems. CH,C” “Lit 


It i 












A. F. Millidge (The Distillers Co. Ltd): Would Pro- HC 
fessor Bawn care to comment on the use of lithium butyl \cH,” 


vctiic for the stereospecific polymerization of isoprene? 
but in the presence of an ether the formation of the cyclic 


Professor C. E. H. Bawn: Lithium butyl is a good structure seems to be hindered and 1,2-addition is 
catalyst for the stereopolymerization of isoprene, and it favoured. Lithium alkyls are highly associated in solu- 
has been shown by Tobolsky and others that the stereo- tion, and it is thought by some people that there is an 
hich structure is very much determined by the nature of the association equilibrium and that only part of the alkyl 
ield solvent. ‘Thus, n-butyl lithium in heptane gives over is active in polymerization. It may be visualized that 
ties 90 per cent cis-1,4-structure, but the same alkyl in if the highly associated alkyl is the true catalyst, then it 
tetrahydrofuran gives practically no 1,4-structures. behaves similarly to a surface. 
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OBITUARIES 


OBITUARIES 


HENRY WALTER WALTON REECE 
1922-1960 


WE regret to record the death in September of Henry 
Walter Walton Reece, aged 37, who had been an 
Associate Fellow of the Institute since 1950. 

He first joined the petroleum industry in 1943, when 
he worked for nearly five years as a refinery operator 
with Trinidad Leaseholds Ltd. He took up employ- 
ment on the overseas staff of Kuwait Oil Company Ltd 
in 1949, initially in the field, and later in the refinery as 


a control operator. Most unfortunately the state of % 
his health made repatriation necessary in 1957, and 
he was a sick man from this time until his death. 

He was a fine all-round games player and he and his | 
wife were most popular in Kuwait; we extend our 
deepest sympathy to her in her widowhood and to 
her four children. 

H. G. W. 





PHILIP HAIGH GLEDHILL 
1929-1960 


Ir is with deepest regret that we record the passing of 
Philip Gledhill, who died suddenly after an extremely 
short illness at the early age of 31. Educated at 
Heath Grammar School, afterwards attending Halifax 
Technical College, Mr Gledhill joined Messrs J. S. 
Akroyd & Webb Ltd, lubricating oil manufacturers, 
Halifax, as a junior in the laboratory and eventually 
became works manager. Not an active sportsman, 
his interests were chiefly in the open air and he was 
an enthusiastic fell walker and pot-holer. 


He became an Associate Member of the IP in 1953, 9 
and was a regular attender at Northern Branch ~ 
Meetings. One of the founder members of the newly- 7 
formed Yorkshire Branch, he served on the committee 
from inception and was responsible for attending to © 
reports of meetings and outings. His quiet manner ~ 
and ever-ready helpfulness will be sadly missed by all — 
members who knew him. He leaves a widow and two 
young children, to whom go our fullest sympathy in 
their tragic loss. A. F. 
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